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Abstract 
Zeolite membrane separation is considered to be a promising alternative to the traditional energy-
intensive industrial separation techniques such as distillation. Currently, zeolite membranes are 
implemented in industry only for solvent dehydration applications. However, good separation 
performance is obtained at laboratory scale for various applications such as bioethanol enrichment, 
hydrogen recovery, natural gas purification, butane isomer separation, xylene isomer separation, 
etc. This progress should pave the way for the industrial implementation for other applications. 
Although significant progress has been made in preparation, characterization and 
commercialization of zeolite membranes, rigorous models, which can predict the membrane 
performance in industrial settings, are not available in the literature. Mathematical and process 
modeling plays an important role in the implementation and evaluation of any new technology or 
application. Thus, specific objectives of this thesis are to (i) design and develop a detailed 
mathematical model of a zeolite membrane separation process for accurate performance prediction 
under a wide variety of operating conditions, and (ii) develop and optimize a conceptual process 
design approach and perform a techno-economic evaluation for several significant application 
specific flowsheets. 
In this thesis, complex challenges both at the chemical engineering fundamentals and the process 
scale have been addressed. A detailed mathematical model of a zeolite membrane separation based 
on adsorption-diffusion phenomenon is formulated using Maxwell-Stefan equations. In addition to 
the adsorption and diffusion based transport through zeolite layer, factors such as mass transfer 
through the porous support, the use of a sweep gas, concentration polarization phenomenon and 
presence of defects are also discussed. The adsorption-diffusion model (including external 
resistances) is then integrated with the process-scale governing equations to assess the industrial 
potential of zeolite membranes. Further, conceptual process designs have been modeled and 
techno-economic evaluation has been performed to evaluate the scope of zeolite membrane 
separation for several applications in chemical and bio-based refineries, including butane isomer 
separation, bioethanol enrichment and propylene-propane separation. Both the stand-alone 
membrane systems and hybrid membrane-distillation systems have been considered. A hybrid 
membrane-distillation process is found to be energy efficient and economically attractive over 
stand-alone membrane systems. Finally, a net present value of the system is analyzed to generate a 
set of performance targets in term of the permeance and the membrane cost.  
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Chapter 1: Introduction 
The ability to separate a chemical mixture into its individual components is essential in 
the chemical industry. Presently, most separations are accomplished using distillation. 
Although distillation is a well-established technology due to its high flexibility and low 
operational risk, it is energy-intensive with a thermodynamic efficiency of ~10% [1]. A 
U.S. Department of Energy report states that > 40,000 distillation units are in operation in 
the U.S., and consume much more energy than all other separation processes combined [1]. 
Alternatively, membrane separation is an energy efficient process and has a great potential 
to either replace or supplement the existing distillation columns, and thus reduce energy 
use and associated pollutant emissions.  
Currently, polymeric membranes are dominant in the membrane industry. However, 
zeolites (a class of inorganic crystalline materials) offer significant advantages over 
polymers because of their excellent mechanical, thermal and chemical stability. In addition, 
a uniform pore structure with a pore size ranging from 3 Å to 10 Å makes zeolites even 
more effective for a wide variety of separations. However, despite significant investments 
in research and development on zeolite membranes, only limited industrial implementation 
has occurred [2]. A U.S. Department of Energy report (2005) suggested the development 
of (i) defect-free thin films and (ii) predictive membrane performance models as the key 
areas of future research [3]. In recent years, although significant progress has been made 
in preparation and characterization of zeolite membranes, rigorous models which can 
predict the membrane performance in industrial settings are still lacking. 
The permeation through a zeolite membrane is a complex process and is usually 
represented in terms of permeance and selectivity [4,5]. Permeance (ease of mobility) is 
the rate of flow per unit area per unit driving force while selectivity (ability to separate) is 
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the ratio of permeance of the two species being separated. A zeolite membrane consists of 
a thin zeolite film over a porous support. Molecular transport should be governed by the 
selective zeolite film, where permeance and selectivity depend on the adsorption (adhesion 
of a molecule on the membrane surface) and diffusion (movement of a molecule from a 
region of high concentration to low concentration) properties of the mixture components. 
However, other resistances to transport (i.e. from the porous support and/or the boundary 
layer) can also affect performance. Though the support layer has larger pores, it is relatively 
thicker and may provide a comparable resistance. Furthermore, formation of a boundary 
layer in the fluid adjacent to the membrane surface also deteriorates the performance. The 
presence of defects formed during synthesis also affects the permeance and selectivity.  
Zeolite membranes have shown good separation at laboratory scale for various 
applications such as bioethanol enrichment, hydrogen recovery, natural gas purification, 
butane isomer separation, xylene isomer separation, etc. Currently, zeolite membranes are 
implemented in industry only for solvent dehydration applications but the recent progress 
should pave the way for the industrial implementation for other applications [2]. 
Mathematical and process modeling plays an important role in the implementation and 
evaluation of any new technology or application. However, no rigorous models exists for 
zeolite membranes, which set the aim of this PhD research, i.e., to develop such enabling 
tools that can assess the potential of zeolite membranes in industry. The specific objectives 
are to (i) design and develop a detailed mathematical model of a zeolite membrane 
separation process for accurate performance prediction under wide range of operating 
conditions, and (ii) develop and optimize a conceptual process design approach and 
perform a techno-economic evaluation for several significant application specific 
flowsheets. 
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 Chapter 2 focuses on developing a framework for membrane modeling. First, a 
fundamental understanding of transport phenomena underlying the zeolite membrane 
operation is developed, and models that can quantitatively describe these phenomena are 
reviewed. Permeation through zeolite film is described through adsorption-diffusion 
phenomenon; both single-component and mixtures are considered. Further, several non-
idealities and their effect on modeling is also considered. In addition to the adsorption and 
diffusion based transport through zeolite layer, factors such as mass transfer through the 
porous support, the use of a sweep gas, concentration polarization phenomenon and 
presence of defects are also discussed. The adsorption-diffusion model (including external 
resistances) is then integrated with the process-scale governing equations to assess the 
industrial potential of zeolite membranes; both the stand alone and hybrid membrane-
distillation processes are considered. This chapter is adapted from N. Rangnekar, N. Mittal, 
et al., Chem. Soc. Rev. 44 (2015) 7128–7154.  
Chapter 3 focuses on the application of the model for butane isomer separation. The 
application was selected because the availability of both (i) molecular level transport 
properties and (ii) industrial scale distillation data allows for a rigorous mathematical 
description of membrane performance and its detailed comparison with the current 
industrial practice. Moreover, butanes offer a great opportunity for implementation of 
novel separation technologies since they are used as a fuel and as a feedstock to make 
plastics and their global market is growing at an annual rate of 2.46% [6]. A key issue 
addressed in this chapter is that the adsorption and diffusion parameters shall be carefully 
reviewed and selected. While adsorption properties determined using different 
measurement techniques are in good agreement, the diffusivities can vary up to three orders 
of magnitude based on how these coefficients are determined [7]. The detailed analysis on 
adsorption and diffusion studies combined with external resistances not only improves the 
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understanding of discrepancies between the results obtained by experiments and modeling, 
but also determines the scope of improvement in the current state-of-the-art membranes. 
Finally, a techno-economic analysis using a process-scale model is also performed to 
generate a set of performance targets in term of the permeance and the membrane cost. 
This chapter is adapted from Mittal et al., J. Memb. Sci. 520 (2016) 434–449. 
Chapter 4 focuses on the application for bioethanol enrichment, and discusses the role 
of hydrophilic and hydrophobic zeolite membranes. This extends the scope of modeling to 
bio-refineries related application. An important issue addressed, here, is the presence of 
non-idealities and defects which leads to failure of ideal models for determining the 
mixture adsorption and diffusion properties. Thus, atomistic-level simulations are carried 
out to obtain a consistent set of mixture adsorption and diffusion properties incorporating 
the effects of hydrogen bonding. The results obtained from membrane modeling are further 
incorporated in design studies illustrating how the atomistic-level properties can be used 
in process-level simulation. Another key issue addressed here is that membrane separation 
is not necessarily energy-efficient. For applications including pervaporation (as for most 
of the bio-refinery related applications) where the feed is liquid while the permeate is 
vaporized, the energy for this vaporization should be supplied and can make the process 
energy-intensive. Both the above-mentioned issues are incorporated in modeling ethanol-
water separation. Further, several conceptual designs are considered and a techno-
economic analysis is performed to determine the optimum combination of distillation and 
membrane separation. This chapter is adapted from Mittal et al., J. Memb. Sci. 540 (2017) 
464–476. 
Chapter 5 focuses on comparing the membrane performance with heat-integrated 
distillation, and is illustrated for propylene-propane separation. While conventional 
distillation is usually-intensive, heat-integration within the column can significantly reduce 
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the energy consumption. If these energy savings can be realized in practice, there is little 
room left for membrane technology [8]. However, such designs are not routinely employed 
due to operational and control challenges [9]. Instead heat-integration can be implemented 
through other parts of the plant generating extra amount of low-grade heat, such as, quench 
water. Therefore, a range of possible scenaria for the level of heat integration is examined 
with thermally non-integrated and fully-integrated distillation columns as the upper and 
lower boundaries of energy requirement. The debottlenecking of existing distillation 
columns, i.e., implementing membranes in hybrid configuration with existing distillation 
column to increase the overall capacity, is also considered. This chapter is adapted from X. 
Ma, P. Kumar, N. Mittal, et al. which is currently submitted for publication. 
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Chapter 2: Zeolite membrane modeling review 
and advancements 
2.1 Introduction 
Zeolite membranes offer an attractive alternative to conventional energy intensive 
separation processes [10–14]. Their chemical and thermal stability, and well-defined pore 
structure with pore sizes ranging from 0.3-1.0 nm allow for high-selectivity separations at 
a wide range of operating conditions. Although zeolite membranes have shown remarkable 
progress at laboratory scale [2,15–22] and promising results have been obtained for various 
industrially relevant applications such as alcohol dehydration [15,23–26], butane isomer 
separation [20,27–31], xylene isomer separation [28–31] and natural gas purification [32–
35] , only hydrophilic membranes used in the dehydration of industrial solvents have been 
commercialized to date [2,13]. To explore the commercialization potential of zeolite 
membranes, rigorous models and process designs which can predict the currently achieved 
performance and set targets for membrane cost and performance improvements are 
essential. These rather complicated models should be further validated by comparison with 
experiments and included in the process models that describe permeation through 
membranes at a wide range of operating conditions as encountered by membranes in 
industrial use.  
A schematic of the membrane structure in a typical laboratory setting is shown in 
Figure 2.1a. The membrane structure consists of a zeolite layer on a porous support. The 
feed stream is passed across the retentate side facing the zeolite film, and the permeating 
species are collected by flowing a sweep gas across the permeate side. Compartments on 
both sides of the membrane i.e., the retentate side and the permeate side are usually well-
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mixed in a lab experiment. In the following sections, the transport mechanism and model 
development for permeation through zeolite membrane is described. 
 
Figure 2.1: Schematic of (a) a zeolite membrane in a typical laboratory setting. (b) a tubular 
zeolite membrane at a process scale. 
2.2 Transport model for zeolite layer 
To determine the permeation through zeolite layer, a fundamental understanding of 
transport phenomena underlying the membrane operation, and models that can 
quantitatively describe these phenomena, are necessary. When the size of the molecules 
permeating through the zeolite pores is comparable to the pore diameter, which is often the 
case for selective separation, molecules permeate at a regime commonly known as 
intracrystalline or configurational diffusion. Permeation in this regime is a complex process 
that depends on both the adsorption and diffusion properties of the permeating species in 
the mixture [16,23,36–41]. The adsorption and diffusion properties at this microscopic 
level are obtained using experimental and simulation techniques, fitted to adsorption and 
diffusion models, and then finally used in continuum models to determine the flux through 
the zeolite membranes. While most modeling studies employ simple ideal theories based 
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on single-component adsorption and diffusion properties [42–47], the intermolecular 
interactions can be far from ideal and may lead to the failure of these theories [48–54].  
Krishna and co-workers [4,5,55–58] have extended the Maxwell–Stefan approach, 
which provides a fundamental description of multi-component diffusion, to formulate the 
generalized Maxwell–Stefan model for permeation through a zeolite membrane: 
where ρ is the zeolite density, θ is the fractional loading, R is the universal gas constant, 
T is the absolute temperature, μ is the chemical potential, Γ is the thermodynamic factor, q 
is the loading, qsat is the saturation loading, N is the flux, Đi is the Maxwell–Stefan 
diffusivity and Đij’s are the exchange coefficients. The equation can be regarded as a force 
balance with the left-hand-side term representing the driving force due to a chemical 
potential gradient and the right-hand-side terms representing the friction forces due to 
molecule-molecule interactions and molecule-zeolite pore wall interactions. The influence 
of adsorption is taken into account through the fractional loading at the surface and the 
thermodynamic factors while the mobility is determined by the two kinds of diffusion 
coefficients – the corrected diffusivity which is also known as Maxwell–Stefan diffusivity 
and the exchange coefficients 
2.2.1 Adsorption modeling 
The single component adsorption isotherm is most commonly modeled using the dual 
site Langmuir model [59,60]: 
where q is the loading, qsat is the saturation loading, k’s are the Langmuir constants, P is 
the pressure and ‘a’ and ‘b’ represent the two sites, has been used to model the adsorption 
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isotherm. Other forms of the isotherm e.g. Toth, Langmuir–Sip, Langmuir–Freundlich. 
have also been used [50,61]. The single component adsorption are well studied as they can 
be measured with good accuracy and thus can be validated experimentally. However multi-
component adsorption experiments are challenging, and is discussed next. 
The multi-component adsorption is usually determined by models based on the 
information gained by single-component isotherm. However, these results are difficult to 
validate experimentally, and thus are usually validated by molecular simulations. Various 
models have been suggested for multi-component adsorption. The mixture isotherm can be 
predicted, from the single component isotherm, by implementing appropriate mixture rules 
based on dual-site Langmuir isotherm [62] 
where q is the loading, qsat is the saturation loading, k’s are the Langmuir constants, P is 
the pressure, and ‘A’ and ‘B’ represent the two sites and ‘1’ and ‘2’ represents the two 
components, has been used to model the adsorption isotherm. However, the use of mixture 
rules is only moderately successful and a thermodynamically consistent model, known as 
Ideal Adsorption Solution (IAS) theory [63]: 
is widely used for predicting mixture isotherms from single component data. This theory 
is analogous to Raoult’s Law vapor-liquid equilibrium model with added equations 
accounting for the adsorbed phase. Figure 2.2a shows that the prediction of IAS theory for 
𝑞1 = 𝑞1𝐴,𝑠𝑎𝑡
𝑘1𝐴𝑃1
1 + 𝑘1𝐴𝑃1 + 𝑘2𝐴𝑃2
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a mixture of alkanes is in excellent agreement with simulation results [64]. One of the 
drawbacks of IAS theory is the assumption that the system behaves like an ideal solution 
and therefore, it is inadequate to describe multicomponent adsorption for non-ideal 
mixtures. The presence of non-idealities, such as hydrogen bonding effects, in the mixture, 
thus, leads to failure of IAS theory as shown in Figure 2.2b for water–ethanol mixture in 
MFI zeolite [52]. 
 
Figure 2.2: Molecular simulation results and IAST prediction for multicomponent adsorption on 
MFI crystals: (a) success of IAST for methane-ethane mixture [2], (b) failure of IAST for water-
ethanol mixture [2]. 
The existence of non-idealities in the mixture is either due to energetic or surface 
heterogeneity or due to a non-ideal mixture itself. Energetic heterogeneity arises due to 
varying heat of adsorption for different sites while surface heterogeneity is caused due to 
different surface area (sites) available for adsorption of different species. Various 
extensions of IAS theory have been described to account for these non-idealities. 
Heterogeneous IAS theory has been used to account for energetic heterogeneity [65] and 
surface area corrected IAS (SAC-IAS) theory  has been used to account for surface 
heterogeneity [53]. However, these models can only be used for limited operating 
conditions, and various versions of these models are used depending on the mixture in 
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consideration. Thus a more general model, known as real adsorption solution (RAS) 
theory: 
has been proposed for mixture adsorption isotherm [63]. The RAS theory is a more general 
form of IAS theory, and makes use of the activity coefficients to account for non-ideal 
deviations. An analogy can be drawn to the vapor-liquid equilibrium curves where the 
activity coefficients accounts for the non-idealites and are functions of temperature and 
composition. The activity coefficients, in RAST, are functions of temperature, composition 
and spreading pressure. The addition of an extra intensive variable, spreading pressure, is 
due to the adsorbent being present in the system as an additional component. Although 
Talu and Zwiebel [66] have developed a thermodynamically consistent model to calculate 
the activity coefficients, the spreading pressure dependency of the activity coefficients 
makes such models extremely complicated. Thus the activity coefficient models used to 
describe vapor–liquid equilibrium such as UNIQUAC, NRTL and Wilson, are often 
applied with good accuracy to the mixture adsorption as well [67–71]. The parameters are 
usually obtained by fitting the mixture simulation data.  
2.2.2 Diffusion modeling 
Diffusion is described in terms of corrected diffusivity and exchange coefficients. The 
corrected diffusion coefficient accounts for sorbate–sorbent interactions and exhibits 
loading dependency. Various models have been used to describe this loading dependency. 
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The most commonly used are the weak confinement scenario and the strong confinement 
scenario[43]: 
where Đi is the Maxwell–Stefan diffusivity, θ is the fractional loading and ‘i’ refers to the 
component, which are based upon the vacancy factor and the repulsion factor [43]. The 
vacancy factor accounts for the probability of the adjacent adsorbing site being vacant and 
decreases with loading while the repulsion factor accounts for inter-molecular repulsion 
and increases with loading. However, these are the ideal scenarios and the actual 
dependency varies between the two scenarios. Another model, based upon the quasi-
chemical approach of Reed and Ehrlich, also accounts for the reduction of the energy 
barrier for diffusion with increased loading and is also widely used [72,73]. Since the 
corrected diffusivity is interpreted in terms of hopping from one adsorbed site to another, 
the loading dependence is strongly influenced by adsorption thermodynamics. It has been 
shown that the corrected diffusivity is inversely proportional to the thermodynamic factor 
which signifies the change in fractional loading with respect to a change in fugacity and 
can be calculated from the adsorption isotherm [74–76]. The corrected diffusion coefficient 
of a species in a mixture is usually taken equal to that of the single component at the same 
total loading.  
The exchange coefficients account for sorbate–sorbate interactions and capture the 
effect that a faster moving molecule is slowed down in the presence of slower moving 
species and vice versa [77]. The incorporation of the exchange coefficients into the 
Maxwell–Stefan equations leads to computational difficulties and thus these coefficients 
are often neglected; this scenario is known as the facile exchange [5,43]. However, these 
Đ𝑖 = Đ𝑖(1 − 𝜃) (strong confinement) 
Đ𝑖 = Đ𝑖  (weak confinement) 
 
(2.6) 
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effects have been shown to be significant and various models have been proposed for their 
incorporation [51]. The two most commonly used models are, (i) Vignes correlation: 
where Đi is the Maxwell–Stefan diffusivity, q is the loading and ‘i’ refers to the component, 
for species with similar loading and (ii) the correlation developed by Sholl [43]: 
where Đi is the Maxwell–Stefan diffusivity, θ is the fractional loading, q is the loading and 
‘i’ refers to the component for species with variable loading. Since the exchange 
coefficients capture the sorbate–sorbate interactions, it has also been found that there is a 
dependence of the exchange coefficients on the corresponding fluid phase diffusivity; the 
proportionality factor depends upon the degree of confinement and the correlation effect 
increases with the degree of confinement [78]. The factor is often linearly dependent upon 
the degree of confinement, however, other expressions such as Darken-type interpolation 
and Vignes-type interpolation have also been proposed [78]. 
Although several have models have been developed and used to describe the diffusion 
in zeolites, there exists scenarios where the Maxwell–Stefan model has failed to provide 
quantitative agreement with the experimental results. One of the examples is the xylene 
isomer separation using MFI zeolite membranes. The diffusion characteristics of p-xylene 
and o-xylene in MFI crystals have been extensively studied [79–81]. Though the 
permeance of p-xylene has been observed to be of the same magnitude, the Maxwell–
Stefan model predicts much higher o-xylene permeance as compared to the experiments. 
Although this discrepancy is widely recognized, the reason behind this phenomenon is not 
developed. The discrepancy may be attributed to surface resistances in zeolite crystals or 
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to the changes in crystal structure on adsorption of p-xylene [82]. It can also be due to the 
fact that the diffusion coefficient used in the Maxwell–Stefan equations was measured for 
a flexible zeolite crystal while an intergrown supported membrane is constrained by a 
support and does not permit flexibility, as in the case of a free crystal. 
Another phenomenon where the Maxwell–Stefan approach fails is the intersection 
blocking [83]. It is usually observed when branched or cyclic hydrocarbons are present in 
the mixture along with linear hydrocarbons in MFI. The branched hydrocarbon 
preferentially adsorbs at the intersection of MFI membranes which causes blocking of the 
pore and severely reduces the diffusivity of the normal alkane [60]. In general, the tardy 
species slows down the fast moving species and the effects are captured by the exchange 
coefficients but this effect is more severe and can cause the diffusivity of n-alkane to reduce 
nearly to zero. The effect of intersection blocking for methane in the presence of i-butane 
is shown in Figure 2.3a. The reduction in diffusivity is more severe as compared to the 
methane–n-butane mixture, which does not have intersection blocking [83]. The corrected 
diffusivities for water-methanol mixture are also decreased due to the presence of hydrogen 
bonding (Figure 2.3b). Thus, using the single component data to predict the separation 
performance often leads to higher predicted flux and higher separation factors than 
experimentally feasible [84–86]. Further, the loading dependency shall be studied and 
modeled for specific mixture in consideration.  
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Figure 2.3: (a) Effect of intersection blocking: diffusivity of methane (linear alkane) decreases 
more steeply in presence of i-butane (branched alkane) as compared to n-butane (linear alkane) 
in MFI [2], (b) Corrected diffusivity of water-methanol mixture in FAU at 300 K obtained 
through  MD simulations [2]. 
2.3 Transport model for external resistances 
In addition to the adsorption and diffusion based transport through zeolite layer, factors 
such as mass transfer through the porous support, the use of a sweep gas, concentration 
polarization phenomenon and presence of defects can also play a significant role [2]. The 
support is particularly important for membranes with thin zeolite films as the resistance of 
the support layer can dominate the transport through the membrane [24,44,87,88]. The use 
of sweep gas increases the driving force for permeation by carrying away permeating 
species. However, there is also an adverse effect on permeation due to the counter flux of 
sweep gas [89]. The concentration polarization can occur because different species in a 
feed mixture permeate at different rates through the membrane, which may result in 
accumulation of the non-preferentially permeating species and depletion of the selectively 
permeating species in a thin layer (boundary layer) adjacent to the membrane surface. This 
phenomenon changes the concentration gradient through the membrane in an unfavorable 
manner and deteriorates the membrane separation performance [23,90–92]. The presence 
of defects further introduces more complexities and should be incorporated based on the 
specific system in consideration. Thus, mathematical models which can describe the 
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support layer, permeation of sweep gas, concentration polarization and defects should also 
be incorporated in the design of zeolite membrane systems.  
2.3.1 Model for the support 
The zeolite membranes are grown on a porous support. The support layer is usually 
neglected in most of the modeling studies. However, it has been shown that the support 
can play a significant role especially in thin or high-flux membranes [44,88].  The 
significant mass transfer resistance in the support adversely affects the separation 
performance of MFI and FAU membranes for ethanol/water separation [35]. The effect is 
more prominent for strongly adsorbing species as shown for H2/CO2 separation where the 
pressure drop for CO2 over the support was quite large and influenced the separation 
performance [93]. Thus, flux and selectivity for high flux membranes can be increased by 
preparing less resistive supports. It is essential to incorporate transport resistance effects 
due to the support layer in permeation models. The models proposed in the literature are 
well established and incorporate flux through the Knudsen and molecular diffusion and 
viscous flow [59,94,95]. The Knudsen diffusivity (Di
k), which accounts for molecule-wall 
interactions, has been derived from the kinetic theory of gases and is given by: 
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where ε is the support porosity, τ is the support tortuosity, dpore is the support pore size and 
MW is the molecular weight of the permeating species. The molecular diffusivity (Dij), 
which accounts for molecule-molecule interactions, is estimated using the Fuller-Schettler-
Giddings equation [96]: 
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where P is the total pressure and va is the atomic volume. The partial pressure gradient due 
to these interactions is additive and is given by: 
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In addition to Knudsen and molecular diffusion, a finite total pressure gradient across the 
support also gives rise to viscous flux: 
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where μ is the mixture viscosity. The total flux is obtained by the summation of the viscous 
flux and the flux obtained in Eq. 4. 
To solve the coupled partial differential equations for the zeolite and the support layer, 
boundary conditions are required at the retentate side, the permeate side, and also at the 
zeolite-support interface. In the absence of any external resistance (the effects of external 
resistance are discussed in the next section), the loading at the feed side is calculated 
assuming equilibrium between feed partial pressure and loading at the zeolite layer. At the 
zeolite-support interface, the boundary conditions are obtained by assuming that no 
accumulation occurs at the interface i.e. the flux of a component leaving the zeolite layer 
is equal to the flux entering the support layer. Equilibrium is also assumed between the 
loading at the zeolite layer and the partial pressure in the support layer at the interface. At 
the permeate side, the total pressure is usually fixed and known, and the mole fractions are 
calculated iteratively from the steady state flux of the components: 
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2.3.2 Model for the sweep gas 
Thus, the effects of the sweep gas are twofold. While it increases the driving force by 
carrying away the permeating species and reducing their partial pressure on the permeate 
side, it also introduces a counter flux (against the permeating direction) that can have an 
adverse effect on permeation [89]. The use of sweep gas has been shown to improve the 
separation performance for methane/ethane separation. However, a higher pressure of 
helium on the permeate side increases its counter flux and thus decreases the permeance of 
ethane [89]. This counter flux affects the permeation only through the support layer 
because permeation of adsorbed species through the zeolite layer is not affected by non-
adsorbing sweep gas. Thus, for a fixed total pressure on both sides (the retentate side and 
the permeate side) of the membrane, the use of sweep gas decreases the resistance through 
the zeolite layer by increasing the driving force, and increases the resistance through the 
support layer by introducing a counter-flux. Usually, the increase in driving force 
dominates the effect due to counter-flow, and membranes operated with a sweep gas result 
in higher flux and separation factor as compared to the membranes operated without sweep. 
However, this improvement by the introduction of a sweep is effective only if the transport 
in the membrane is governed by the zeolite layer. 
The effects due to the use of sweep gas (helium is considered here) are also 
incorporated into the model. Since, helium has been shown to be non-adsorbing on MFI 
zeolites [73] and that its density inside the zeolite is lower than that in the gas phase, its 
permeation through the zeolite layer is modeled using Knudsen diffusion and viscous flow. 
The effective pore diameter is calculated by subtracting the diameter of the helium atom 
from the zeolite pore size. As steady-state permeation of adsorbed species through the 
zeolite layer has been shown to be unaffected by non-adsorbed species [97], it is assumed 
that helium permeates only through the pores unoccupied by the adsorbed species. As a 
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result, the helium flux through the zeolite layer is further reduced by a factor equal to 
fractional vacancy, given by (1-∑θi). Similar to other components, permeation of sweep 
gas through the support is modeled considering contributions from Knudsen and molecular 
diffusion, and viscous flow. 
2.3.3 Model for the concentration polarization 
The concentration polarization (Figure 2.4a) increases the concentration of the non-
preferentially permeating species and decreases the concentration of the selectively 
permeating species at the membrane surface as compared to that in the bulk feed. In most 
of the modeling studies, this change in concentration is neglected and the loading at the 
zeolite layer is assumed to be in equilibrium with the bulk feed concentration. However, 
concentration polarization can significantly affect the separation performance and 
appropriate models that can describe this behavior are essential [92,98]. It has been shown 
that the CO2/CH4 selectivity increased by 180% and CO2 flux by 80% when measures 
were taken to reduce the external boundary layer resistance for a SAPO-34 membrane [92], 
as shown in Figure 2.4b. Various models have been proposed in the literature to include 
its effect by introducing a mass transfer coefficient, [93,99,100] or solving the full 
concentration profile in the boundary layer [101,102]. In other studies, a simple resistance-
in-series model is used to describe the effects of concentration polarization, however this 
approach applies only to the preferentially permeating component and does not account for 
accumulation of non-preferentially permeating species. 
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Figure 2.4: (a) Schematic of concentration polarization for permeation through a zeolite 
membrane, (b) Effect of concentration polarization: CO2 flux through a SAPO-34 membrane for 
an equimolar mixture of CO2/CH4 at 295 K [2]. 
As solving for the velocity and concentration profile in the boundary layer is 
challenging, an alternative approach based on mass transport equations is used in this 
research [103]. In this approach, the effect of concentration polarization is determined 
through a parameter, known as concentration polarization index, which is defined as the 
ratio of mole fraction of the preferentially permeating component in the bulk feed to that 
at the membrane surface. This index determines the severity of the concentration 
polarization and is strengthened with increase in membrane enrichment and/or membrane 
permeability, or with decrease in the external mass transfer coefficient (in the boundary 
layer). An expression to calculate the concentration polarization index has been modeled 
using this approach [103] and given by; 
 where α is the enrichment factor, v is the molar average velocity through the membrane 
which represents the membrane permeability, k is the external mass transfer coefficient of 
the more permeable component and ‘f’, ‘s’ and ‘p’ denote the bulk feed, membrane surface 
and permeate, respectively. While membrane permeability and enrichment are intrinsic 
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properties of the membranes, the mass transfer coefficient depends on the module geometry 
and flow conditions, and is generally represented in terms of the Sherwood number (Sh) 
[104,105]. 
2.3.4 Model for the defects 
Another common assumption in modeling zeolite membranes is that they are defect 
free. However, it has been illustrated that the defects can significantly affect the separation 
performance in H2/CO2 separation, [93] xylene isomer separation [106], etc. It has also 
been shown that defects can be induced and shrunk or expanded during adsorption and 
affect the permeation [82]. Permporometry, flux of molecules larger than zeolite pores and 
the ratio of single gas permeance, and other methods have been used to characterize defects 
[16,107–109]. These effects have been incorporated in some of the modeling studies by 
determining the permeation through the defects as a combination of Knudsen diffusion and 
Poiseuille flow [110,111]. A general pore network model has also been developed to 
account for the flux through intercrystalline pores [112]. However, the defects majorly 
depends upon the method of preparation of the membranes and the results can vary widely 
across the various experiments. Thus, the defects are usually incorporated by modifying 
the equations based on the system in consideration. 
2.4 Process model for zeolite membranes 
In the model developed above to describe the permeation at lab-scale, the retentate and 
the permeate compartments are assumed to be well-mixed. Such designs assume that the 
operating conditions do not change along the module length, resulting in fixed permeance 
and selectivity. However, simulation of a membrane process requires the use of models 
that account for changes in operating conditions along the membrane length. Thus, the 
detailed mathematical model for permeation through zeolite membrane is integrated with 
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process models to develop a process-scale model of the zeolite membrane, and described 
next. 
2.4.1 Stand-alone membrane process 
A tubular membrane design (single tube cartridge or tubes packed together in small 
bundle) is considered, and a schematic of a single circular tube with feed on the shell side 
is shown in Figure 2.1b. The feed can flow on either side, depending upon the position of 
the zeolite layer.  
A plug flow model is used on the retentate and the permeate sides. The governing mass 
balance equations for each component are as follows: 
where the +ve sign refers to the retentate side while the -sign refers to the permeate side, F 
is the flow rate along the membrane, J is the flux through the membrane, r is the external 
radius of the tube and N is the total number of tubes in a bundle. As it may be difficult to 
maintain turbulence in sub-cm radius tubes, only laminar flow is considered, and the 
pressure drop on the retentate side along the membrane length is modeled using the Hagen-
Poiseuille equation: 
where P refers to the total pressure [105]. The physical properties, i.e. mixture density (ρ), 
and viscosity (µ) are obtained using Soave-Redlich-Kwong (SRK) method [113] and 
SuperTRAPP method [114], respectively, and are incorporated into gPROMS [115] as a 
Multiflash file by using the physical properties foreign object tool. The flux through the 
membrane is obtained using the detailed Maxwell-Stefan model developed in the previous 
i
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sections. Accordingly, the partial pressure (p) on both the retentate and the permeate side 
across the membrane are obtained as follows: 
P
F
F
p


j j
i
i
 
(2.17) 
This complete model, i.e., the flow model along the membrane length combined with the 
Maxwell-Stefan model for membrane transport is solved using gPROMS [115].  
2.4.2 Hybrid membrane/distillation process 
A membrane process can also be used in combination with other separation techniques, 
such as, distillation. The resulting hybrid membrane-distillation which exploits the 
advantages of both processes while minimizing the negative aspects, has shown promising 
potential. Various studies have shown that the hybrid membrane/distillation process is 
energy efficient and economically beneficial for mixtures which are otherwise impossible 
or difficult to separate using conventional distillation [116–119]. Such mixtures are 
characterized by either formation of an azeotrope (ethanol-water), or the presence of 
tangent pitch (water-acetic acid), or low relative volatilities (olefin-paraffin) [119]. The 
most common hybrid configurations containing a single distillation column and a single 
membrane process are shown in the Figure 2.5 [117,119]. 
In the top hybrid (Figure 2.5a) and bottom hybrid (Figure 2.5b) configurations, 
distillation is used as a pretreatment step while the final separation is carried out by 
membrane separation.  Such configurations are better suited for mixtures having a tangent 
pitch or forming an azeotrope. Moreover, the membrane should have a high separation 
factor to achieve the purity target. In series hybrid (Figure 2.5c) and parallel hybrid 
(Figure 2.5d) configurations, membrane separation is used as a pretreatment step followed 
by distillation to achieve the final product specifications. They are generally used for 
mixtures with low relative volatility and/or when membranes cannot provide high purity 
24 
 
separations. In a series configuration, the feed composition to the membrane unit is fixed, 
while in a parallel configuration it can be varied depending upon the stage of side stream 
extraction from the distillation column. However, it has been shown that the side draw 
stage in a parallel configuration is usually located near the feed stage where the distillation 
is least effective [148,152-155], which effectively makes it similar to the series 
configuration. Sometimes, a vapor feed is preferred over a liquid feed for the membrane 
separation to eliminate the heavy impurities which otherwise may clog the membrane 
pores. In those cases, if the original feed is liquid then a parallel configuration with a vapor 
side draw can be used. In this research, only the series configuration (Figure 2.5c) is 
considered which is also expected to be easier to retrofit and control as compared to the 
parallel configuration.  
As the governing equations for the membrane unit and the distillation unit can be solved 
sequentially in a series configuration, the membrane unit is simulated in gPROMS while 
the distillation unit is simulated in Aspen Plus. The permeate stream from the membrane 
is compressed to match the column pressure.. The location of the two feed streams to the 
distillation column (retentate and permeate streams from the membrane unit) is optimized 
for a fixed membrane stage-cut (φ) to minimize the reboiler duty, where the membrane 
stage cut (φ) is defined as the ratio of n-butane flow rate in the permeate stream to that in 
the feed. 
 
 
 
25 
 
 
Figure 2.5: Schematic of hybrid membrane-distillation systems consisting of a single distillation 
unit and a single membrane unit. (a) top-hybrid configuration, (b) bottom-hybrid configuration, 
(c) series hybrid configuration, and (d) parallel hybrid configuration. 
2.5 Concluding remarks 
The permeation through a zeolite membrane is a complex interplay of adsorption and 
diffusion properties of permeating components. Further, the non-idealities in both the 
adsorption and diffusion phenomenon, such as co-adsorption due to hydrogen bonding and 
intersection blocking, respectively, can introduce more complexities. In addition to the 
adsorption and diffusion based transport through zeolite layer, factors such as mass transfer 
through the porous support, the use of a sweep gas, concentration polarization phenomenon 
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and presence of defects should also be included. The models used in the literature are 
usually based on only ideal adsorption-diffusion through the zeolite layer. The effects of 
non-idealities and external resistances are usually neglected. This results in discrepancy 
between the results obtained from the model and the experiments. Here, the membrane 
model is developed considering all the above mentioned transport phenomenon and further 
integrated with process-scale model for both stand-alone membrane processes and hybrid 
membrane-distillation processes. This first-of-its-kind modeling approach does not only 
improve the understanding of zeolite membrane processes but is also significant from an 
engineering perspective as it can be used as a template to rigorously design and optimize 
membrane systems. 
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Chapter 3: Butane isomer separation using hybrid 
membrane-distillation 
3.1 Introduction  
Butanes offer a great opportunity for implementation of zeolite membrane technology. 
While n-butane is primarily used in liquefied petroleum gas (LPG) as a cooking and heating 
fuel and in petrochemical industry as a feedstock for producing ethylene and butadiene, the 
major application of i-butane is in refineries where it is used as a blending agent mixed in 
gasoline. LPG accounts for the biggest share of butane application consisting 66% whereas 
petrochemical and refineries accounts for 17% and 15% respectively. Their global market 
is growing at an annual rate of 2.46% in terms of demand and at a CAGR of 8.9% in terms 
of revenue [6]. Currently, the industrial separation of butane isomers is accomplished using 
distillation, and due to the close boiling-point of the components, it is considered as one of 
the most energy-intensive distillation separations. 
Zeolite membrane separation has also been proposed as a possible solution for butane 
isomer separation as n-butane is both the preferentially adsorbing and the preferentially 
diffusing component resulting in synergetic separation [120].  
3.2 Adsorption modeling 
3.2.1 Single component adsorption parameters 
The single component adsorption properties of butane isomers in MFI zeolites have 
been widely studied [60,121–132]. Adsorption isotherms and the heats of adsorption have 
been determined by various experimental, including adsorption calorimetry [121] , 
gravimetric analysis [122,123] and tapered element oscillating microbalance [124,125] 
experiments, and molecular simulations using configurational-bias Monte Carlo methods 
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[60,127–129,132] and were found to be in good agreement with one another. Volumetric 
adsorption experiments have also been performed on silicalite-1 pellets for n-butane [126]. 
The results from these techniques are in agreement to one another, and isotherms for n-
butane and i-butane at T ~ 300 K are shown in Figure 3.1a and 3.1b respectively.  
 
Figure 3.1: Single component adsorption isotherms for (a) n-butane (b) i-butane on MFI crystals 
measured and simulated using various techniques in the range T = 300 K - 308 K.  
: Adsorption calorimetry 300 K Stach et al. [121],: Gravimetric 303 K Richards and Rees 
[122], : Gravimetric 308 K Sun et al. [123], : TEOM 303 K Zhu et al. [124], : Volumetric 
300 K Abdul-Rehman et al. [126], : Molecular simulation 300 K Vlugt et al. [60], : Dual site 
Langmuir fit 300 K Zhu et al. [124]. For volumetric method [11], silicalite-1 pellets were used 
and the amount of adsorbent is corrected for the binder weight assuming that no adsorption takes 
place on the binder. 
The adsorption has been described in terms of a volume filling process with two 
different types of sites – channels and intersections, and thus the dual-site Langmuir 
isotherm; 
where q is the loading, qsat is the saturation loading, k’s are the Langmuir constants, P is 
the pressure and ‘a’ and ‘b’ represent the two sites, has been used to model the adsorption 
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isotherm [125]. n-Butane prefers channels over intersections for loading up to 8 
molecules/UC (unit cell) and then starts filling intersections at higher pressure. On the other 
hand, i-butane (or 2-methylpropane) is preferentially adsorbed in the intersections for 
loading up to 4 molecules/UC and the channels are occupied in addition at high pressure. 
The loading values predicted by the model are in good agreement with those obtained by 
experiments and simulations. The heat of adsorption calculated from the fitted dual site 
Langmuir isotherm are also in fair agreement with the values determined independently 
from calorimetry experiments [130,131]. Calorimetry measurements [130,131] show that, 
as the coverage increases, the heat of adsorption of n-butane initially increases from ~50 
kJ/mol to ~60 kJ/mol before finally decreasing near saturation, which is in agreement with 
the calculated values (from dual-site Langmuir fit) of 56.1 kJ/mol in the channels (0 to 8 
molecules/ UC) and 49.5 kJ/mol in the intersections (8 to 10 molecules/UC) [125]. For i-
butane, the heat of adsorption increases from ~48 kJ/mol (0 – 4 molecules/UC) to ~56 
kJ/mol as loading increases from 4 – 8 molecules/UC [130], which is in fair agreement 
with the calculated values (from dual-site Langmuir fit) of 46 kJ/mol in the intersections 
(0 to 4 molecules/ UC) and 65.6 kJ/mol in the channels (4 to 10 molecules/ UC) [125]. The 
n-butane Henry’s coefficients obtained from molecular simulations [127–129] are also 
nearly equal to the values calculated using dual-site Langmuir fit as shown in Figure 3.2. 
Thus, the dual-site Langmuir isotherm with parameter values reported in [125] accurately 
describes the experimental and simulation results, and is also used here to determine the 
single component adsorption properties. 
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Figure 3.2: n-Butane Henry’s coefficients for adsorption on MFI crystals obtained using 
molecular simulations at various temperatures. 
: June et al. [127], : Smit and Siepmann [128], : Maginn et al. [129], : Dual site Langmuir 
fit - Zhu et al. [124]. 
3.2.2 Multi component adsorption parameters 
Although single component adsorption of butane isomers on MFI zeolites is well 
established, only a few studies exist for mixture adsorption [53,60,133,134]. 
Configurational-bias Monte Carlo (CBMC) simulations [60,133] have been carried out to 
determine the equimolar mixture adsorption at T = 300 K. Both isomers were shown to 
follow single-component behavior up to a total loading of 4 molecules/UC. For higher 
loadings, n-butane tends to squeeze-out i-butane molecules causing a maximum of i-butane 
loading at a total loading of 4 molecules/UC. The squeezing-out effect has been attributed 
to higher packing efficiency of n-butane versus i-butane molecules in the zeolite channels. 
For a total loading greater than 4 molecules/UC, n-butane loading increases with pressure 
while i-butane loading decreases with pressure. These results are also in agreement with 
infra-red microscopy (IRM) experiments [134]. Similar conclusions were also reached for 
higher temperatures by Lu et al. [53]. The same phenomenon has also been observed for 
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hexane isomers (n-hexane/2-methyl-pentane), i.e., linear isomer occupies both channels 
and intersections while the branched isomer is located preferentially at intersections 
[120,133]. At high pressure (total loading greater than 4 molecules/UC), the adsorption of 
the linear isomer is favored by squeezing out the branched isomer. This leads to high 
selectivity of the linear isomer making MFI type of zeolite an attractive choice for these 
isomer separations.  
The squeezing-out effect also introduces non-idealities in the mixture and leads to 
failure of the Ideal Adsorption Solution Theory (IAST), which is widely used in predicting 
mixture isotherms. To model the mixture adsorption isotherm, Vlugt et al. [60] suggested 
two different mixture rules based on extended Langmuir multi-component isotherms. The 
first mixture rule has been shown to underpredict n-butane loading and overpredict i-butane 
loading, while the other mixture rule overpredicts n-butane loading and underpredicts i-
butane loading. A combination of mixture rule 1 and mixture rule 2 was thus employed to 
predict the values obtained by molecular simulation at T = 300 K. The drawback of this 
model is that it is not thermodynamically consistent and fails to predict the simulation 
results at higher temperature. Lu et al. [53] proposed a surface area corrected IAST (SAC-
IAST) to account for the different area/sites available for n-butane (channels and 
intersections) and i-butane (intersections) mixture adsorption. They introduced a vapor 
mole-fraction dependent parameter to fit the deviation from IAST. The drawback of this 
model is that there is no capability to account for the changes in deviations with changing 
total pressure. As stated earlier, deviations are small at low pressure when both molecules 
adsorb independently as compared to high pressure where the non-idealities start to play 
an important role. Moreover, this model can only be used when mixture adsorption data is 
available for various mole fractions. Here, a Real Adsorption Solution Theory (RAST) is 
used to model the mixture isotherm. The activity coefficients based on the Wilson equation 
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are used here, and the resultant mixture adsorption isotherm at T = 323 K and T = 343 K is 
shown in Figure 3.3, which shows good agreement with the simulation data. 
 
Figure 3.3: Adsorption isotherm for an equimolar mixture of n-butane and i-butane at (a) T = 
323 K, and (b) T = 343 K; RAST model compared to molecular simulation data by Lu et. al. 
[53]. 
: n-butane model, : n-butane simulation, : i-butane model, : i-butane simulation 
 
3.3 Diffusion modeling 
The methods for determining micropore diffusion coefficients can be broadly classified 
into microscopic, macroscopic and molecular simulation methods. The diffusion of n-
butane and i-butane in MFI zeolite crystals has been extensively studied in the literature 
using all three approaches [75,83,135–169]. However, the diffusion coefficients reported 
in the literature differ from one another by up to three orders of magnitude. Thus, the data 
should be carefully reviewed before selecting the diffusivity, as the permeation across the 
membrane is crucially dependent on these coefficients. Here, the literature data are 
organized and analyzed in a systematic manner in an attempt to select the most appropriate 
values of diffusion coefficients.  
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3.3.1 Microscopic techniques for diffusion properties 
Nuclear magnetic resonance (NMR) and quasi-elastic neutron scattering (QENS) are 
the most common microscopic techniques for measuring micropore diffusion coefficients. 
Various studies [135–141] have been performed to measure the n-butane diffusivity in MFI 
crystals using these techniques and the measured self-diffusion coefficients are shown in 
Figure 3.4. Datema et al. [135] and Heink et al. [136] have also studied diffusion in ZSM-
5 (high Al content MFI-type zeolite) crystals with a Si/Al ratio of 53 and 13 respectively 
and their results (Figure 3.4) show that Si/Al ratio does not influence the diffusivity. The 
loading in molecules/UC corresponding to the different studies is also shown and stated in 
the figure caption. Since the self-diffusion coefficient should decrease with loading due to 
the correlation effects, the values results are in good agreement to one another except for 
the diffusivities obtained by Fernandez et al. [139] and Banas et al.  [140].  The values 
obtained by Fernandez et al. [139] are an order of magnitude higher than the other NMR 
results at the same loading. Although the loading is not specified in the results obtained by 
Banas et al. [140], the values are significantly lower even for higher loadings. The existence 
of these outliers may be attributed to variability of crystal quality including crystal 
twinning, crystal intergrowth, crystal defects, etc. The temperature dependence of the 
diffusion coefficient was also studied by Datema et al. [135] and Heink et al. [136] and the 
activation energy was found to lie between 6 kJ/mol and 8 kJ/mol. 
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Only a couple of NMR studies of i-butane diffusion in silicalite-1 (low Al content MFI-
type zeolite) could be found in the literature. They were performed by Fernandez et al. 
[139] and Banas et al. [140] and the results are in agreement with each other as shown in 
Figure 3.5. However, the corresponding single component n-butane/i-butane diffusivity 
ratio was found to be ~3000 and ~15, respectively. This large discrepancy is due to the 
difference between n-butane diffusivities found in these studies. As stated earlier, the n-
butane diffusivities obtained in these studies have large discrepancies when compared to 
the other NMR measurements and thus the results cannot be assured to be accurate.  
Diffusion coefficients, using QENS, in ZSM-5 crystals (Si/Al = 36) at a loading of 3 
molecules/UC have been obtained by Millot et al. [142] and shown in Figure 3.5. These 
 
Figure 3.4: n-butane self-diffusion coefficients in MFI crystals obtained using microscopic 
techniques (NMR and QENS) at various temperatures. The corresponding loading in 
molecules/UC and Si/Al ratio for ZSM-5 crystals are shown in the legend.  
: 7-10 molecules/UC in ZSM-5(Si/Al = 53) Datema et al. [135], : 4 n/uc Heink et al. [136], 
: 8 n/uc Heink et al. [136], : 8 n/uc in ZSM-5( Si/Al = 13) Heink et al. [136], : 12 n/uc 
Heink et al. [136], : Pampel et al. [137], : 6 n/uc Brandani et al. [138], : 4 n/uc Fernandez 
et al. [139], : Banas et al. [140], : 3 n/uc in ZSM-5( Si/Al = 36) using QENS Jobic [141]. 
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experiments were performed at higher temperatures (> 450 K) and the activation energy 
was determined to be 17 kJ/mol. Besides QENS, another technique based on neutron 
scattering, known as neutron spin-echo (NSE), has also been used to determine the i-butane 
diffusivity in silicalite [170]. This technique is primarily used if the diffusivity is too small 
to be measured by conventional QENS instruments and is considered to be more accurate 
than the QENS [171,172]. The diffusivity measured by the NSE method was found be an 
order of magnitude larger than that measured by QENS. The activation energy, using 
diffusivities measured by NSE [170], was found to be 22.6 kJ/mol which is also higher 
than that determined by QENS [142].  
 
Figure 3.5: i-butane self-diffusion coefficients in MFI crystals obtained using microscopic 
techniques (NMR, QENS and NSE) at various temperatures. The corresponding loading in 
molecules/UC and Si/Al ratio for ZSM-5 crystals are shown in the legend. 
: 4 molecules/UC Fernandez et al. [139], : Banas et al. [140] , : 3 n/uc in ZSM-5 
(Si/Al=36) using QENS Millot et al. [142], : 2 molecules/UC O’Malley et al. [170]. 
3.3.2 Macroscopic techniques for diffusion properties 
Among the macroscopic techniques, pulse chromatography [143–146], zero length 
chromatography (ZLC) [140,147–151], permeation measurements through single crystal 
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membrane (SCM) [152–155], interference microscopy [156–159] and frequency response 
(FR) [160,168] methods have been widely studied for calculating butane diffusivity in MFI 
crystals. The macroscopic techniques usually determine the corrected diffusivity or Fick’s 
diffusivity while microscopic techniques provide the self-diffusivity. However, the values 
from different techniques can be compared at zero loading as all three kinds of diffusivities 
(self, corrected and Fick’s) are equal at zero loading. Moreover, Fick’s (D) and corrected 
diffusivities (Đ) are related as (Đ = D/Γ), where the thermodynamic factor (Γ = d ln p / d 
ln θ) can be determined from the adsorption isotherm.   
 
Figure 3.6: n-butane corrected diffusivity in MFI crystals obtained at infinite dilution using 
macroscopic techniques (CPC and ZLC) for various temperatures. Values obtained using NMR 
and molecular simulations are also shown for comparison. 
: MD simulation Runnebaum and Maginn [164], : NMR Heink et al. [136], : CPC 26 µm 
crystal Hufton and Danner [144], : ZLC 70 µm Hufton and Ruthven [147], : ZLC 27 µm 
Hufton and Ruthven [147], : ZLC 22 µm Jiang and Eic [149], : ZLC 7 µm in ZSM-5 Jiang 
and Eic [149]. 
Hufton and Danner [144] carried out concentration pulse chromatography (CPC) 
experiments at infinite dilution using silicalite-1 crystals. The n-butane diffusion 
coefficients (Figure 3.6) were found to be at least an order of magnitude lower as compared 
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to microscopic measurements. The authors have concluded that these n-butane diffusion 
coefficients must be considered as a lower limit of the true diffusion coefficients since the 
actual values are too large to be measured via chromatography. The measured activation 
energy (45 kJ/mol) was also found to be almost equal to the heat of adsorption (50 kJ/mol) 
indicating insignificant microporous mass transfer resistance. In contrast to n-butane, large 
microporous resistance for i-butane allowed accurate measurement of diffusion coefficient. 
The diffusion coefficients obtained for two different crystal sizes (26 µm and 36 µm) are 
shown in Figure 3.7 and are nearly equal. The activation energy was computed to be 24.4 
kJ/mol. 
 
Figure 3.7: i-butane corrected diffusivity in MFI crystals obtained using macroscopic techniques 
(CPC and ZLC) for various temperatures. Self-diffusivity values obtained using NSE and 
molecular simulations are also shown for comparison. Values shown are at infinite dilution (zero 
loading) except wherever mentioned. 
: MD simulation 1 molecule/UC Bouyermaouen and Bellemans [165], : KMC simulation 
Chmelik et al. [75], : NSE 2 molecule/UC O’Malley et al. [170], : CPC 26 µm crystal Hufton 
and Danner [144],  : CPC 36 µm Hufton and Danner [144], : ZLC max value Hufton and 
Ruthven [147], : ZLC min value Hufton and Ruthven [147], : ZLC 22 µm Jiang and Eic 
[149], : ZLC 7 µm in ZSM-5 Jiang and Eic [149], :  ZLC 3.8 n/uc Zhu et al. [150]. 
Pulse chromatography experiments have also been performed by Chiang et al. [143] 
and Nijhuis et al. [145,146]. Chinag et al. [143]obtained n-butane diffusion coefficients 
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which are 3 orders of magnitude lower than other chromatography or macroscopic 
techniques. Moreover, n-butane and i-butane diffusion coefficients were found to be 
similar. This discrepancy is attributed to the small silicalite-1 crystals (R ~ 1 µm) used in 
their study which provide negligible microporous resistance and thus transport in these 
crystals is dominated by external resistances. Nijhuis et al. [145,146] applied a transient 
pulse-response technique to determine the diffusion coefficient at high temperatures. They 
obtained the pre-exponential factor of diffusivity and the activation energy by fitting the 
experimental data. Though these diffusion parameters are in good agreement with values 
obtained from microscopic techniques, their fitted value of diffusion coefficient is an order 
of magnitude higher than their experimental value (10-10 m2/s) at 400 K. The experimental 
activation energy is also much higher than the fitted value of 7.3 kJ/mol in the range of 400 
K – 450 K. For i-butane, only the fitted results have been reported and the diffusion 
coefficients and activation energy (28.9 kJ/mol) are in agreement to the results obtained by 
Hufton and Danner [144].  
Hufton and Ruthven [147] have studied diffusion in silicalite-1 crystals using ZLC 
technique. To this end, a dimensionless parameter ‘L’ is used to determine whether the 
process is equilibrium controlled (L > 10) or diffusion controlled (L < 1). For n-butane, the 
L values calculated were found to lie between 1 and 4 which are smaller than those required 
for diffusion-controlled process. Furthermore, the activation energy (41.6 kJ/mol) was 
found to be similar to the heat of adsorption (50 kJ/mol). The diffusion coefficients 
measured using different sized crystals (shown in Figure 3.6) shows that the diffusivity 
increases with crystal size indicating that the external resistance also plays a substantial 
role. The authors have concluded that the permeation of n-butane is too fast to be measured 
using the ZLC method, and the calculated diffusion coefficient must be taken as a lower 
limit of the true diffusion coefficient. For i-butane, diffusivities in silicalite-1 crystals 
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yielded L > 50 indicating significant micropore resistance. The diffusivities were obtained 
for different crystal sizes using short-time and long-time methods. Since the individual data 
points lie close to each other and are not clearly distinguishable in the original figure, only 
the highest and lowest values of diffusivities are shown in Figure 3.7; the average values 
are in agreement to the values obtained using CPC experiments. The activation energy of 
23.1 kcal/mol is also similar. 
Jiang and Eic and co-workers [148,149] have studied butane isomer permeation in both 
silicalite-1 crystal and ZSM-5 crystals using ZLC techniques. For both isomers, 
diffusivities in silicalite-1 crystals were found to be higher than ZSM-5 crystals (Figure 
3.6 for n-butane and Figure 3.7 for i-butane) and contradicts the NMR results for n-butane 
where the Si/Al ratio does not influence the diffusivity. However, L values for n-butane in 
these ZLC experiments [149] were found to be < 5 which indicates that the transport may 
be equilibrium controlled rather than diffusion controlled. Another possible reason for the 
discrepancy in diffusivity might be the difference in the crystal size (R = 22 µm silicalite-
1 crystals and R = 7 µm for ZSM-5 crystals) as Hufton and Danner [144] also found this 
discrepancy in CPC measurements where the transport was governed by the external 
resistance. For i-butane, L ~ 10 for silicalite-1 crystals (R = 22 µm) and ~ 5 for ZSM-5 
crystals (R = 7 µm). The diffusivities obtained with silicalite-1 crystals are nearly equal to 
those obtained using CPC, while values for ZSM-5 are 5 to 10-fold lower. Thus the 
discrepancy for ZSM-5 crystals can be attributed to their small size which have low 
microporous resistance and results in inaccurate measurement of the diffusion coefficient. 
Moreover, Zhu et al. [150]  have also mentioned that the sorbate concentration in these 
ZSM-5 crystals, which was maintained at 0.025 vol%, corresponds to a loading of 0.26 
molecules/UC and 2.95 molecules/UC at 333 K and 273 K, respectively. At these 
conditions, the adsorption isotherm lies outside the Henry’s regime and contradicts the 
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assumption used in the ZLC technique. Furthermore, the diffusivity also decreases at finite 
loading, which should also be taken into account as all the other values have been reported 
at infinite dilution.  
Zhu et al. [150], investigated the diffusivities of i-butane at finite loading in silicalite-
1 using the ZLC technique. They modified the ZLC modeling approach to include the effect 
of non-linear adsorption equilibrium to calculate the average corrected diffusivities over 
the finite loading in the sample.  The results for 3.84 molecules/UC are shown in Figure 
3.7. The values are in agreement to the other values but it must be noted that they are 
average values over a finite loading while the other results are shown for infinitely diluted 
loading.  
Diffusion coefficients of n-butane in silicalite-1 have also been measured using 
permeation across a single crystal membrane. Hayhusrt et al. [152] and Shah et al. [153] 
used the time-lag technique to determine the average Fick’s diffusivity. Sun et al. [155] 
used the transient mass response method to determine the average corrected diffusivity, 
while Talu et al. [154] used steady-state permeation measurements to determine the 
average corrected diffusivity in z-direction. Among other macroscopic experiments, Shen 
and Rees [160] and Shen et al. [168] used frequency response methods and Moller et al. 
[161] used sorption uptake curves to determine the n-butane diffusivity in MFI crystals. 
The values obtained in the above mentioned experiments are comparable to the values 
obtained by other macroscopic techniques (CPC and ZLC) but are at least an order of 
magnitude smaller than the values obtained by microscopic techniques, again indicating 
the inadequacy of macroscopic methods to determine n-butane diffusivity in MFI.  
Other macroscopic techniques that have been employed to measure i-butane diffusivity 
in MFI crystals include permeation through single crystal membrane [153] and application 
of interference microscopy along with sorption/desorption concentration profile 
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determination [156–159]. These techniques provide average Fick’s diffusivities over a 
finite loading in the zeolite sample. The diffusivity was found to be of the order of 10-12 
m2/s and almost constant over an average loading of 1-4 molecules/UC. As stated earlier, 
Fick’s (D) and corrected diffusivity (Đ) are related as (D = Đ x Γ) where Γ is the 
thermodynamic factor (Γ = d ln p / d ln θ). For i-butane, Γ increases with loading and 
corrected diffusivity decreases with loading for up to 4 molecules/UC, and thus explains 
the constant Fick’s diffusivity obtained in these macroscopic methods. Iso-butane 
diffusivities measured by various macroscopic methods are also compared to that obtained 
by NSE microscopic technique (Figure 3.7). Diffusivities obtained by NSE method are 
found to only marginally lower than those obtained by CPC method. This may be due to 
the reason that the NSE experiments are carried out at a finite loading of 2 molecules/UC 
while the CPC experiments are carried out at infinite dilution. The activation energy of 
22.6 kJ/mol from NSE is also in agreement with that obtained by macroscopic techniques 
(of 24.5 kJ/mol). 
3.3.3 Molecular simulations for diffusion properties 
Several molecular simulation studies have been performed to study n-butane diffusion 
in silicalite-1 crystals [83,139,162–166,169]. Self-diffusivities obtained using MD 
(molecular dynamics) simulations at T ~ 298 K for various loadings are shown in Figure 
3.8.  
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Figure 3.8: n-butane self-diffusion coefficients in MFI crystals obtained at T = 300 K using 
molecular simulation techniques for various loadings. 
: Goodbody et al. [169], : June at al. [162], : Maginn et al. [129], : Runnebaum and 
Maginn [164], : Bouyermaouen and Bellemans [165], : Gergidis and Theodorou [166], : 
Krishna and van Baten [83]. 
In all these MD simulations, a united atom model of n-butane was considered in a rigid 
silicalite-1 structure.  Bouyermaoeun and Bellemans [165]also studied the effect of 
vibrations of the silicalite-1 lattice on the diffusivity and showed that the vibrations ease 
the molecular displacements leading to larger diffusion coefficients. Maginn et al. [163] 
used a combination of Brownian motion theory and transition state theory to determine n-
butane self-diffusivity. Though the exact loading is not mentioned in this study, the 
diffusivity is in agreement with other MD simulations for 5 molecules/UC. However, the 
diffusion coefficients predicted by molecular simulations are an order of magnitude higher 
than those obtained by microscopic techniques (Figure 3.6). This discrepancy is usually 
attributed to the assumption of perfect crystals in the simulation while the presence of 
lattice defects and acid sites in the real crystals used in microscopic measurements inhibit 
the mobility of the diffusing species. Runnebaum and Maginn [164] also mentioned the 
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choice of a united atom model as a possible reason, as it has been shown to yield enhanced 
mobility. Maginn et al. [163]and Runnebaum and Maginn [164] also studied the effect of 
temperature and reported an activation energy of 6 kJ/mol and 7 kJ/mol respectively which 
is in good agreement to the microscopic results.  
MD simulations to determine the diffusion coefficients tend to be computationally 
expensive for slowly permeating species (Đ < 10-11 m2/sec). As a result, only a single MD 
study could be found in literature for i-butane in silicalite-1; Bouyermaoeun and Bellemans 
[165] computed the diffusivity at a loading of 1 molecule/UC for both the rigid and flexible 
lattice structures which is found to be an order of magnitude larger than the macroscopic 
measurements as shown in Figure 3.7. In other molecular simulation studies for i-butane 
diffusion, Paschek and Krishna [167] and Chmelik et al. [75] employed infrared 
microscopy along with kinetic Monte Carlo simulations to predict the loading dependency 
of i-butane diffusivity at T = 298 K and have shown that the corrected diffusivity exhibits 
a strong inflection at a loading of 4 molecules/UC (Figure 3.9). The initial decrease is 
attributed to the correlation effects while the strong inter-molecular repulsions between i-
butane molecules occupying channels at loading > 4 molecules/UC causes the corrected 
diffusivity to increase with further loading. It was also shown that Fick’s diffusivity is 
essentially constant (10-12 m2/sec) up to a loading of 4 molecules/UC and then increases up 
to 10-11 m2/sec for 8 molecules/UC. Similar conclusions have also been reached by Millot 
et al. [142] by measuring i-butane permeation flux across ZSM-5 membrane. Thus, 
diffusivities obtained by kinetic Monte Carlo simulations are in good agreement with those 
obtained by other macroscopic measurements and microscopic measurements employing 
NSE method. 
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Figure 3.9: Loading dependency of i-butane Maxwell-Stefan diffusion coefficient determined 
using Kinetic Monte Carlo simulation and infra-red microscopy experiments at T = 298 K.   
: IR microscopy Chmelik et al. [75], : MC simulation Chmelik et al. [75],     : Model. 
3.3.4 Single component diffusion parameters 
Based on the analysis presented above, it is safe to conclude that the current 
macroscopic techniques are inadequate in determining the n-butane microporous diffusion 
coefficient, and the diffusivities predicted by molecular simulations are an order of 
magnitude higher than those obtained from the microscopic methods such as nuclear 
magnetic resonance (NMR) and quasi-elastic neutron scattering (QENS). Here, 
diffusivities obtained by NMR [136] are selected for n-butane based on the opinion that 
they closely represent the intrinsic transport in the zeolite pores. The concentration 
dependence is modeled using the strong confinement scenario [43], as both NMR and 
molecular simulation studies show a decrease in diffusivity with increase in loading.  For 
i-butane, diffusivities obtained by macroscopic techniques [144] and kinetic Monte Carlo 
simulations [75] are found to be in good agreement with each other. Among the 
microscopic methods to measure i-butane diffusivities, which are as low as of the order of 
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10-12 m2/s, values obtained by neutron spin-echo (NSE) [170] technique are considered to 
be more accurate than NMR and QENS[142], and are in agreement with those obtained by 
macroscopic measurements and kinetic Monte Carlo simulations The activation energy of 
22.6 kJ/mol from NSE [173] is also in agreement with that obtained by macroscopic 
techniques (of 24.5 kJ/mol) [144]. The pre-exponential factor of diffusion coefficient and 
the activation energy for both isomers selected for developing the model are shown in 
Table 3.1.  
Table 3.1. Pre-exponential factor of diffusion coefficient at zero loading and the 
corresponding activation energy for butane isomers in MFI crystals. 
Component Pre-exponential factor 
(10-8 m2/s) 
True activation energy 
(kJ/mol) 
n-butane 1.03 6.2 
i-butane 2.19 24.5 
3.3.5 Multi-component diffusion parameters 
Generally, the corrected diffusivity of a species in a mixture is taken equal to its single 
component corrected diffusivity at the same total fractional loading. However, for a butane 
isomer mixture in MFI zeolite, presence of i-butane molecules has shown to adversely 
affect the n-butane diffusion. This effect is caused due to a phenomenon known as 
intersection blocking [139].  The branched hydrocarbon preferentially adsorbs at the 
intersection of MFI crystals which causes blocking of the pore and severely reduces the 
diffusivity of the linear alkane. However, at high pressure (total loading greater than 4 
molecules/UC), the branched isomer loading decreases. Therefore, the effect of 
intersection blocking is diminished and transport of the linear isomer is enhanced. The 
synergy of adsorption and diffusion, both favoring the linear isomer, is uncommon, as most 
separations are based on either selective adsorption or selective membrane permeation, and 
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is a main reason for using MFI membranes for butane-isomer and hexane-isomer 
separations [120,134]. 
 
Figure 3.10: Effect of i-butane loading on n-butane diffusion coefficient in a mixture of butane 
isomers at T = 363 K. : MD simulation Fernandez et al. [139],     : Model 
The effect of i-butane loading on n-butane self-diffusion coefficients has been analyzed 
using MD simulations [139], which show that the n-butane diffusivity is reduced to nearly 
zero as i-butane loading is progressively increased to 4 molecules/UC. At 4 molecules/UC, 
i-butane molecules occupy almost every intersection which leads to a complete blockage. 
While the n-butane diffusivity in a butane isomer mixture has been obtained at a total 
loading of 4 molecules/UC, the effect of i-butane loading on n-butane diffusion is 
decoupled from the effect of n-butane loading by using the strong confinement model for 
n-butane loading dependency of n-butane diffusivity. To model i-butane loading 
dependency on n-butane diffusivity, an exponential decay: 
   iB
0
nBiBnB exp   ÐÐ  (3.2) 
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where ĐonB is the single component n-butane diffusivity and θiB is the i-butane fractional 
loading, is used to model the simulation data and is shown in Figure 3.10. 
The exchange coefficients (Đij) are modeled using the Vignes correlation [55]. The 
improved correlation in [36] also reduces to the Vignes correlation for butane isomer 
mixture as the saturation loadings of both isomers are the same. 
3.3.6 Discrepancy between diffusion properties in crystals and membranes 
In addition to the microscopic, macroscopic and molecular simulation methods 
employed to obtain the diffusivities in MFI crystals, single component n-butane corrected 
diffusivity has also been determined from permeation measurements through MFI 
membranes made up of intergrown crystals. 
Kapteijn, Mouleijn and co-workers [174–177] have carried out steady state n-butane 
permeation experiments through a 40 µm thick membrane on a stainless steel support. To 
obtain the diffusivity from these measurements, adsorption was modeled using a single-
site Langmuir isotherm and the effects of the support were incorporated using support 
porosity. Kapteijn et al. [174] found that the corrected diffusivity was an order of 
magnitude smaller than the values obtained by NMR measurements. The reported 
activation energy of 30 kJ/mol is also considerably higher than the 8 kJ/mol obtained from 
NMR measurements. Bakker et al. [175] later used the detailed molecular diffusion theory 
to model permeation through the support layer but the diffusivity values were still found 
to be lower. Van de Graaf et al. [176] also found similar results and concluded that the 
permeation through a membrane is fundamentally different than diffusion in a crystal. The 
higher activation energy, as compared to the values obtained using microscopic techniques, 
was attributed to higher energy barrier due to the randomly intergrown crystals. The 
reported activation energy values may also be larger because these values are determined 
at different finite loadings while the activation energy from NMR measurements was 
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calculated at zero loading. After incorporating the loading dependency of diffusivity, the 
activation energy (at zero loading) from permeation experiments is calculated to be 9 
kJ/mol, which is nearly equal to that obtained in MFI zeolite crystals using NMR 
measurements. Bakker et al. [177], by carrying out the permeation experiments with i-
octane, also stated that these membranes contained non-zeolitic pores, which are larger 
than the zeolite pores and result in larger flux and thus overestimation of the diffusivity. 
Moreover, SEM images of the membranes [176] show that the crystals are loosely 
intergrown and thus the effective thickness of the membrane should be even less than the 
visual thickness of ~40 µm. For a given flux, a higher than actual thickness also results in 
overestimation of the diffusivity. This implies that the actual diffusivity through the 
membranes could be even lower than the values obtained from the steady state permeation 
experiments and therefore, their differences from the values obtained by NMR could be 
even more pronounced. 
Burgraaf and co-workers [178–180] have studied n-butane permeation through 3 µm 
thick membranes supported on 2 mm thick alumina support. The permeation data were 
analyzed using single-site Langmuir isotherm, and support porosity to account for support 
effects. The diffusivity values were found to be two orders of magnitude lower than those 
obtained by NMR measurements.  
Noble, Falconer and co-workers [44,181,182] have developed a method to obtain 
adsorption and diffusion properties by measuring permeation through the membranes. 
Transient permeation measurements were used to calculate adsorption parameters and 
membrane thickness. These parameters were further used to determine the diffusion 
parameters using steady state permeation measurements. A single-site Langmuir isotherm 
was used for the adsorption and the support was modeled using molecular diffusion. The 
membrane thickness was stated to be 220 µm and the n-butane diffusion coefficients were 
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found to be an order of magnitude lower than the values obtained by NMR measurements. 
The method was further extended to include a dual-site Langmuir isotherm but the resultant 
diffusivities did not show any considerable differences, especially at high temperature. This 
may be because n-butane isotherm can be accurately modeled using a single-site Langmuir 
isotherm at low pressure and high temperature. Moreover, SEM images for membranes 
grown with a similar technique [183] show that the continuous zeolite layer is loosely 
intergrown and has a thickness of 70 µm with the deposited zeolite crystals extending for 
another 100 µm into the support. Thus, the effective thickness should be < 220 µm and the 
calculated diffusion coefficients could be an overestimation. 
Thus, diffusivities obtained using membrane permeation are 2-3 orders of magnitude 
than those determined by the experiments.  
3.4. Model validation 
The real adsorption solution theory and the intersection blocking phenomenon, used to 
determine the butane isomer mixture adsorption and diffusion parameters respectively, 
were incorporated in the Maxwell-Stefan model and the resultant partial differential 
equations were solved in gPROMS [115]. Models for the support layer, sweep gas and 
concentration polarization were included. The results were obtained for 500 nm thickness 
zeolite layer and 3 mm thickness support (pore size: 3 μm, porosity: 0.3, and tortuosity: 
2.5) by simulating an equimolar feed at total pressure of 1 atm and the permeate side, also 
set at 1 atm, with Helium as the sweep gas. The steady-state flux and separation factors 
predicted by the model are also compared to those determined by experiments [31] 
performed under the same conditions, and shown in Figure 3.11a and 3.11b, respectively. 
Simulation results for zeolite membrane “without support” i.e. neglecting the effect of the 
support are also shown. The computed separation factors for the membrane (including the 
zeolite layer and the support) are almost 5-fold lower than the ones calculated for zeolite 
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membrane “without support”, which suggests that the butane permeation in the model is 
mostly governed by the (non-selective) transport through the support layer. Significantly 
lower values of flux for the membrane, as compared to those for zeolite membrane “without 
support” also suggest the same. On the other hand, the experimental values for the 
separation factor are nearly equal to the values obtained for the simulated case of zeolite 
membrane “without support”. Assuming that the simulation prediction for the intrinsic 
separation factor is correct, this suggests that the permeation in the experiments is mostly 
governed by the zeolite layer. 
The comparison between the experimental and the simulated values indicates that the 
permeation rate in the real membranes is lower than that predicted by modeling based on 
the NMR transport data. This discrepancy has also been mentioned in the literature 
[44,174–182], as discussed in section 4.3. To account for this discrepancy, the corrected 
diffusivity values for both isomers in the model are decreased, and a reduction by a factor 
of 50 (Đ = Đ0/50) gives values in good agreement with the experiments (Figure 3.11a-b). 
The agreement is further improved when the effects of concentration polarization are also 
included. 
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Figure 3.11: Model predictions compared to 
experimental values (Agrawal et al. [31]) of (a) n-butane 
flux (b) separation factor. 
 
Feed: equimolar n-butane/i-butane mixture at a total 
pressure of 1 atm. Sweep: Helium at 1 atm. Membrane 
thickness: 500 nm. Support thickness: 3 mm.   
 
A possible reason for the reduced mobility may be the more rigid structure of zeolite 
membranes as compared to free standing zeolite crystals which can be more flexible. When 
the size of the permeating molecule is similar to or slightly larger than the pore size of the 
crystal, the molecule could still permeate through the pores by expansion of the crystal. 
However, zeolite membranes grown over a rigid support do not allow the expansion of the 
membrane pores, and thus the permeation through the rigid membrane is decreased. Jeong 
et al. [184] have shown that the MFI crystals during the membrane synthesis are under 
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compressive stress and thus differ from the crystals in MFI powder. They have shown that 
the crystals in c-oriented membranes are contracted along the a-axis and b-axis (in-plane) 
and elongated along the c-axis (out-of-plane). Rangnekar et al. [185] have also observed a 
similar phenomenon with nanosheets. Although other explanations, like pore blockage for 
a large fraction of the membrane pores could also be responsible for this discrepancy, a 
reduction in the value of the diffusion coefficients used in the model is adapted here as a 
reasonable approach. In what follows, the model is further used to analyze the scope of 
improvement and a process level model is developed and simulated to determine the 
economic feasibility of membrane separation processes for butane isomer mixtures. 
3.5 Scope of improvement 
As the diffusivity of butane isomers in the current real (experimentally available) MFI 
membranes is predicted to be 50-fold lower than the diffusivity values realized in free-
standing MFI crystals, there is a considerable scope of improvement in the separation of 
butane isomers using MFI membranes. Three different cases for improvement in the 
current values of diffusion coefficients in membranes are analyzed – improvement by a 
factor of 5 (Đ = Đ0/10), 10 (Đ = Đ0/5) and 50 (Đ = Đ0); where Đ0 refers to the diffusion 
coefficient in free-standing MFI crystals, which is the largest theoretically achievable 
value. This 5 to 50-fold improvement could be realized by improving the membrane 
microstructure to reduce strain in zeolite films and increase the diffusivity in the membrane 
by up to 50-fold. In practice, the flux increase could be equivalently achieved, by further 
decreasing the membrane thickness. If pore blocking is responsible for the discrepancy, 
then its elimination or the corresponding membrane thickness reduction will be required to 
improve flux.  
As the permeance across the membrane increases, the relative contribution of the 
resistances due to support layer, sweep gas and concentration polarization increases. Thus, 
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the effect of these factors on the membranes with improved diffusion is analyzed next in 
order to determine: (i) if and when a thinner support is desirable, (ii) under what conditions 
one should use the sweep gas, and (iii) to what extent the permeation through zeolite layer 
can be improved so that the concentration polarization does not become a limiting factor. 
3.5.1 Effect of support and sweep gas on membranes with improved performance 
Improved permeation through the zeolite layer will increase the relative support 
resistance which can lead to lower separation factors. Thus, simulations were also carried 
out with a thinner support layer of 1 mm thickness, which should be still strong enough to 
hold the zeolite layer. The membrane operation with a Helium sweep was simulated for an 
equimolar feed at 1 atm and temperature between 300 K and 343 K. A comparison of n-
butane flux (Figure 3.12a) and separation factor (Figure 3.12b) obtained for membranes 
with a 1 mm and a 3 mm thick support with the corresponding values obtained for 
membrane “without support” suggests that even 1 mm thick support layer provides a 
significant resistance to the permeation. For a 50-fold improvement in the diffusivity (Đ = 
Đ0), the permeation is found to be mostly governed by the support layer leading to very 
low separation factors.  
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Figure 3.12: Predicted separation performance of membranes 
with improved performance for various feed temperatures. 
Values are shown for a 5-fold (Đ = Đ0/10), 10-fold (Đ = Đ0/5) 
and 50-fold (Đ = Đ0) improvement in diffusivity compared to 
the value used to model experimentally observed permeance 
(Đ = Đ0/50) where Đ0 is the diffusivity predicted by theory. 
(a) n-butane flux (b) separation factor. 
 
Feed: equimolar n-butane/i-butane mixture at a total pressure 
of 1 atm. Sweep: Helium at 1 atm. Membrane thickness: 500 
nm. Support thickness: 1 mm and 3 mm. 
 
Results are also obtained at higher pressures for a fixed temperature of 343 K and are 
shown in Figure 3.13a and Figure 3.13b. Though the separation performance is improved 
at higher pressure, n-butane flux for membranes with a 1 mm thick support is still < 50% 
of the flux for membrane “without support”. Thus, further improvements in the support layer 
(sub-mm support) are essential to gain maximum benefits out of the improved zeolite layer.    
55 
 
 
Figure 3.13: Predicted separation performance of 
membranes with improved performance for various 
feed partial pressure. Values are shown for a 5-fold (Đ 
= Đ0/10), 10-fold (Đ = Đ0/5) and 50-fold (Đ = Đ0) 
improvement in diffusivity compared to the value used 
to model experimentally observed permeance (Đ = 
Đ0/50) where Đ0 is the diffusivity predicted by theory. 
(a) n-butane flux (b) separation factor. 
 
Feed: equimolar n-butane/i-butane mixture at T = 343 
K. Sweep: Helium at 1 atm. Membrane thickness: 500 
nm. Support thickness: 1 mm and 3 mm.  
 
As the relative support layer resistance for membranes operated without any sweep is 
less compared to membranes operated with a sweep, membrane permeation without sweep 
gas was also studied. Since the total pressure of butane isomers on the permeate side, 
operated without sweep, is 1 atm, only high feed pressures are considered. The n-butane 
flux and separation factors obtained for an equimolar feed at a fixed temperature of 343 K 
and total feed pressure between 400 kPa and 800 kPa are shown in Figure 3.14a and 
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Figure 3.14b respectively. The values for both 1 mm and 3 mm thick support membranes 
are almost equal to those obtained for membrane “without support”, which suggests that the 
permeation is totally governed by the zeolite layer. Thus, when operated without any 
sweep, even 3 mm thick support membranes can realize the full potential of the improved 
zeolite layer. 
 
Figure 3.14: Predicted separation performance of 
membranes with improved performance for various 
feed partial pressure. Values are shown for a 5-fold (Đ 
= Đ0/10), 10-fold (Đ = Đ0/5) and 50-fold (Đ = Đ0) 
improvement in diffusivity compared to the value used 
to model experimentally observed permeance (Đ = 
Đ0/50) where Đ0 is the diffusivity predicted by theory. 
(a) n-butane flux (b) separation factor. 
 
Feed: equimolar n-butane/i-butane mixture at T = 343 
K. Permeate: 1 atm without any sweep. Membrane 
thickness: 500 nm. Support thickness: 1 mm and 3 
mm. 
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As the absence of sweep gas has an adverse effect on separation performance, n-butane 
flux and separation factors obtained for membranes operated with sweep and without 
sweep for a fixed support thickness of 3 mm are compared in Figure 3.15a-b. The results 
indicate that, especially at higher pressure, there is only a marginal increase in the values 
when the sweep is introduced. Moreover, if the sweep gas is used, subsequent purification 
steps are required to separate n-butane from sweep gas itself. Thus, for process design 
studies, support thickness of 3 mm is used and membrane operation is considered without 
sweep. 
 
Figure 3.15: Effect of sweep gas on permeation through 
membranes with improved performance. Values are 
shown for a 5-fold (Đ = Đ0/10), 10-fold (Đ = Đ0/5) and 
50-fold (Đ = Đ0) improvement in diffusivity compared to 
the value used to model experimentally observed 
permeance (Đ = Đ0/50) where Đ0 is the diffusivity 
predicted by theory. (a) n-butane flux (b) separation 
factor. 
Feed: equimolar n-butane/i-butane mixture at a T = 343 
K. Sweep (when present): Helium at 1 atm. Membrane 
thickness: 500 nm. Support thickness: 3 mm. 
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3.5.2 Effect of concentration polarization on membranes with improved performance 
The improved membrane permeability will also enhance the contribution from 
concentration polarization. As stated earlier, concentration polarization depends on the 
membrane permeability, membrane enrichment and the external mass transfer coefficient. 
The membrane permeability and enrichment are determined by solving the transport 
equations (Maxwell-Stefan model) through the membrane. The mass transfer coefficient is 
directly proportional to the Sherwood number and inversely proportional to the 
characteristic thickness of the boundary layer. While the Sherwood number depends on the 
module geometry and flow conditions, the characteristic thickness depends only on the 
geometry. The three most common geometries are selected here: circular tube, annulus and 
tube bundles (Figure 3.16). For all three geometries, the characteristic thickness is equal 
to the hydraulic diameter, and the Sherwood number for laminar and turbulent flow regime 
is obtained from the literature [104,105].  
For a laminar flow inside a circular tube, the Sherwood number varies between 3.57 
and 4.36 for varying boundary conditions and thus an average value of 4 is chosen in this 
study. Since the mass transfer coefficient is inversely proportional to the tube diameter, a 
thinner tube is more attractive. However, sub-mm radius tubes are difficult to fabricate for 
a 3 mm thick hollow fiber so results are obtained for 1 mm radius tube (i.e. tube diameter 
equal to 2 mm). For laminar flow in an annulus (shell side of a circular tube) with a fixed 
inner dimension, both the Sherwood number and the hydraulic diameter increase with 
increasing outer dimension, indicating a trade-off. For a fixed inner diameter of 8 mm (2 
mm diameter tube + 3 mm thick hollow fiber on each side), Sh~10 can be obtained for a 
hydraulic diameter of 6 mm. For flow on shell side in a tube bundle, widely spaced tubes 
increases the Sherwood number but it also increases the hydraulic diameter. Similar to flow 
in an annulus, a Sh~10 can be obtained for a hydraulic diameter of 6 mm. For turbulent 
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flow, Sherwood number, as high as, 40 can be obtained for all geometries but turbulent 
flow is difficult to achieve in small diameter tubes. The transition from laminar to turbulent 
flow starts at a Reynolds number (Re) of 2300 while the Re that can be achieved for butane 
isomer gaseous mixture at 800 kPa and 343 K flowing at 10 cm/s in a 6 mm diameter tube 
is 1500. Thus, turbulence or mixing can only be achieved via external factors such as 
introducing secondary flow through curved geometries [186], using baffled membrane 
modules [187], creating fluid instabilities by placing protuberance and inserts in the tube 
or superimposing flow pulsations[187]. However, this will lead to larger pressure drop 
along the membrane. The Sherwood numbers for annulus and tube bundles are nearly 
equal.  
 
Figure 3.16: Cross-section of various geometries (a) flow in a circular tube (b) flow in a 
concentric annulus, and (c) flow on the outer surface of tube bundles. 
The effect of concentration polarization on the separation performance of membranes 
with improved performance is shown in Figure 3.17a-b. While the n-butane flux and 
separation factors for a 5-fold (Đ = Đ0/10) and a 10-fold (Đ = Đ0/5) improvement in 
diffusivity from the currently achieved performance experimentally (Đ = Đ0/50) are less 
affected, the corresponding values for a 50-fold (Đ = Đ0) improvement in diffusivity are 
significantly lower when concentration polarization is taken into account. Thus, a 10-fold 
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improvement in the diffusivity (with respect to the diffusivity that fits the currently 
available experimental data) is a reasonable upper limit. Even if one achieves a higher 
permeation by either improving transport (increasing diffusivity) in the zeolite layer or, 
equivalently, by reducing membrane thickness, external resistances will start to dominate 
and the performance will deteriorate accordingly. 
 
Figure 3.17: Effect of concentration polarization on 
permeation through membranes with improved 
performance. Values are shown for a 5-fold (Đ = 
Đ0/10), 10-fold (Đ = Đ0/5) and 50-fold (Đ = Đ0) 
improvement in diffusivity compared to the value used 
to model experimentally observed permeance (Đ = 
Đ0/50) where Đ0 is the diffusivity predicted by theory. 
(a) n-butane flux (b) separation factor. 
Feed: equimolar n-butane/i-butane mixture at a T 
= 343 K. Membrane thickness: 500 nm. Support 
thickness: 3 mm. 
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3.6 Process design 
Both the stand-alone membrane processes and the hybrid membrane/distillation processes 
are considered to analyze the industrial feasibility of MFI membranes for butane isomer 
separation. To evaluate the benefits of using these membrane-based designs, a distillation 
technology was selected as the base case, and is discussed next. 
3.6.1 Base Case  
Industrial separation of butane isomers is currently accomplished using distillation. The 
feed conditions and the separation performance obtained from the literature [188] are 
summarized in Table 3.2. A distillation column for the same performance was also 
simulated in Aspen Plus. The reboiler and condenser duty of the simulated model are 
almost the same as those of the industrial column but the number of trays in the simulated 
model was found to be 90 as opposed to 74 trays in the industrial column. A similar 
discrepancy has also been reported earlier [188], and thus an overall column efficiency of 
122 % was used to simulate the industrial performance.  
Table 3.2. Feed conditions and separation performance of distillation for butane isomer 
separation 
Pressure 8.81 atm 
Temperature 343 K 
Flowrate 121.8 mol/s 
n-butane wt % 69.6 % 
Recovery 98.8 % 
Purity 99.7 % 
The column size data and the reboiler and condenser duties were used to estimate the 
capital and the annual operating costs of the column, respectively, and are shown in Table 
3.3 [189,190]. Although the reboiler duty and the condenser duty are of the same 
magnitude, the reboiler makes up for the majority of the operating costs due to the 
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requirement of expensive steam as compared to low cost cooling water required for the 
condenser.   
Table 3.3. Capital and annual operating cost of distillation column for butane isomer 
separation  
Column height 51.8 m 
Column diameter 2.9 m 
Total number of trays 74 
Feed tray location 37 
Capital Cost (CAPEX) 2.59 MM$  
  
Cooling duty 11.09 MW 
Heating duty 10.72 MW 
Operating Cost (OPEX) 2.25 MM$ 
  
Total Cost (OPEX + CAPEX) 4.84 MM$ 
(MM$ = 106 $)  
The feed location of the distillation column was also optimized to minimize the reboiler 
duty for the same separation performance and same number of trays. The reboiler duty and 
the condenser duty for the optimized base case is found to be 1.13 MW and 1.14 MW lower 
respectively. This reduces the operational cost from 2.25 MM$/year to 2.01 MM$/year.  
3.6.2 Single stage membrane process 
A tubular membrane design (single tube cartridge or tubes packed together in small 
bundle) is considered, and a schematic of a single circular tube with feed on the shell side 
is shown in Figure 3.18a. A single-stage membrane unit (Figure 3.18b) is investigated 
initially as an alternative to distillation. For a target recovery of 98.8%, the purity is found 
to be 97% which is less than the target value of 99.7%. Membrane operation with lower 
pressures on the permeate side (pervaporation) was also examined. As discussed in the 
Supporting Information S6, pressures below 10 kPa do not appear practical for industrial 
implementation of butane isomer separation due to excessive cooling requirements. 
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Simulations performed with a total permeate pressure of 10 kPa suggest that purity 
increases only marginally to 97.6%, which is still below the required target of 99.7%. Thus, 
a multi-stage membrane unit is required to improve the product purity. 
3.6.3 Multistage membrane process 
A schematic of the two-stage membrane unit considered is shown in Figure 3.18c; the 
design consists of two membrane stages operated in series with permeate from the first 
stage being fed to the second stage. An inter-stage compressor is also used to increase the 
pressure of the feed to the second stage. The total recovery is the product of the recovery 
of the two stages. Since the feed to the second stage is more enriched in n-butane as 
compared to the feed to the first stage, the driving force for n-butane permeation is greater 
in the second stage. Thus, a higher recovery is selected for the second stage i.e. 99.8 % 
which sets a first stage recovery of 99% in order to achieve the target total recovery of 98.8 
%. The area required for the current membranes (Đ = Đ0/50) and product purity obtained 
for different compressor discharge pressure are shown in Table 3.4.  
Table 3.4. Membrane area and product purity for two-stage membrane system 
 
Compressor 
Output 
Stage #1 
Area (m2) 
Stage #1 
Purity (%) 
Stage #2 
Area (m2) 
Stage #2 
Purity (%) 
Total 
Area (m2) 
2 atm 16,697 96.89 25,070 99.34 41,767 
5 atm 16,697 96.89 10,970 99.59 27,667 
8 atm 16,697 96.89 8,812 99.57 25,509 
There are only marginal savings in membrane area for compressor discharge pressure 
over 5 atm. This is because the adsorption isotherm reaches saturation and increasing 
pressure further does not improve the flux through the membrane. The results also show 
that a significantly large membrane area is required to match the performance of the 
distillation unit. Even for a 10-fold improvement in diffusivity (Đ = Đ0/5), the area required 
is found to be ~3,000 m2. In comparison, the largest zeolite membrane facility 
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(implemented for i-propanol dehydration at Jiangsu Chemical Co. Ltd in 2012 by Dalian 
Institute of Chemical Physics) utilizes an area of only 350 m2 [2].  
 
Figure 3.18: Schematic of (a) a tubular membrane, (b) a single stage membrane unit, (c) a two 
stage membrane unit, and (d) a series hybrid membrane distillation unit for butane isomer 
separation. 
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The area requirement can be reduced by lowering the pressure on the permeate side. 
Simulations foe a total permeate pressure of 10 kPa suggest a 3-fold decrease (from ~3,000 
m2 to ~1,000 m2) in the required membrane area. However, the profits gained form the 
reduced area should be considered in conjunction with the increased costs associated with 
the use of vacuum. A preliminary analysis suggests that pervaporation is beneficial only if 
the membrane cost is more than $3,000/m2. Additionally, complete replacement of the 
columns in operation will be not only technically challenging, but also economically 
unfavorable because of the long life of the existing depreciated capital infrastructure. For 
these reasons, a hybrid membrane/distillation process is examined next. 
3.6.4 Hybrid membrane/distillation process 
A series hybrid configuration is considered. The membrane area and the reboiler and 
condenser duties required for various values of φ are shown in Figure 3.19a and 3.19b, 
respectively. A membrane with a 10-fold improvement in permeation (Đ = Đ0/5) compared 
to the value used to model experimentally observed permeance (Đ = Đ0/50), where Đ0 is 
the diffusivity predicted by theory, was used to calculate the required area. For φ = 0.4, the 
reboiler duty is almost half of the stand-alone distillation column and the membrane area 
(~300 m2) is almost one-tenth of the stand-alone membrane process, and is comparable to 
that used in the existing zeolite membranes in industry (~350 m2). An NPV (net present 
value) analysis was also carried out to determine NPV savings projections over base-case 
distillation. A discount rate of 7% per annum was assumed. Furthermore, the membrane 
was assumed to have a lifetime of 5 years and to cost 50% of the initial investment when 
replaced. The capital and operating expenses for the additional heat exchangers and 
compressors were also included in the analysis. The NPV savings calculated with 10-fold 
improved permeation membranes (Đ = Đ0/5) for different values of φ (0.2 – 0.8) at a fixed 
membrane cost of $1000/m2, and for membrane cost in the range of $1000/m2 - $5000/m2, 
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which is a rough estimate of cost of a zeolite membrane [5], at a fixed φ = 0.4 are shown 
in Figure 3.20a and 3.20b, respectively. For φ = 0.4, a payback period of ~3 years can be 
achieved with installed membrane cost of up to $5,000/m2. Simulations were also 
performed for pervaporation with a total permeate pressure of 10 kPa. A preliminary 
analysis suggests that for a similar payback period, pervaporation is beneficial only if the 
membrane cost is more than $5,000/m2. 
 
Figure 3.19: (a) The membrane area required for a hybrid membrane distillation unit calculated 
with a 10-fold improvement in diffusivity (Đ = Đ0/5) compared to the value used to model 
experimentally observed permeance (Đ = Đ0/50) where Đ0 is the diffusivity predicted by theory. 
For reference, the area required for a two-stage membrane unit is ~2,500 m2. (b) The 
corresponding reboiler and condenser duties for the hybrid membrane distillation unit. For 
reference, the reference reboiler and condensed duty for current distillation technique is 10.72 
MW and 11.09 MW respectively. 
The hybrid case was also analyzed for the current membrane performance. For φ = 0.4, 
the required membrane area is calculated to be ~3,000 m2, which is 10-fold than the 
corresponding area required for the improved permeation membranes. This large area 
requirement brings down the NPV savings, and membrane cost as low as $500/m2 is needed 
to achieve a payback period of < 3 years. To reduce the area requirement, a preliminary 
analysis was also carried out with a pervaporation system (permeate pressure of 10 kPa). 
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Although, pervaporation leads to a ~3 fold decrease (from ~3,000 m2 to ~1,000 m2) in the 
required membrane area, it was found to be profitable only if the membrane cost is more 
than $500/m2. 
 
Figure 3.20: NPV savings projection of a series hybrid membrane-distillation system over 
current distillation technique for a fixed (a) membrane cost = $ 5000/m2, and (b) stage cut (φ) = 
0.4, calculated with a 10-fold improvement in diffusivity (Đ = Đ0/5) compared to the value used 
to model experimentally observed permeance (Đ = Đ0/50) where Đ0 is the diffusivity predicted 
by theory. (MM$ = 106 $) 
The current membrane technology, thus, is not adequate for attractive performance in 
butane isomers separation due to the requirement of large area and/or low cost. However, 
a 10-fold improvement in permeation through these membranes brings down the required 
membrane area comparable to that used in currently operating zeolite membrane plants [2]. 
Accordingly, the incurred cost can be as high as $5,000/m2 which is also a reasonable 
estimate of the cost of zeolite membranes [13]. This 10-fold improvement in permeation 
which can be achieved by either improving membrane microstructure and/or by reducing 
membrane thickness makes these membranes very attractive from an industrial 
perspective.  
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3.7 Conclusion 
A detailed adsorption-diffusion model of a zeolite membrane process was developed 
and applied for butane isomer separation. The effects of the support layer, sweep gas and 
concentration polarization were also included. The comparison of steady state flux and 
separation factors predicted by the model with the experimentally determined quantities 
suggests a discrepancy between diffusion in zeolite membranes and diffusion in zeolite 
crystals. We found that in order to obtain the experimentally observed permeance and 
separation factor by simulation, we have to decrease the butane diffusivity in MFI crystals 
by a factor of 50 (Đ = Đ0/50). The scope of improvement in the performance of current 
membranes was explored by 5-fold (Đ = Đ0/10), 10-fold (Đ = Đ0/5) and 50-fold (Đ = Đ0) 
improvement in diffusivity observed in current membranes (Đ = Đ0/50). The results 
indicate that for up to a 10-fold improvement in diffusivity through the membrane, gains 
in membrane performance can be attained; for larger diffusivities, concentration 
polarization effects become significant and further improvement in membrane 
performance is not possible. We envision that this 10-fold improvement in diffusivity (Đ 
= Đ0/5) can be achieved by reducing pore blockages in the intergrown membranes or, 
equivalently, its effect on performance can be achieved by reducing the membrane 
thickness from the currently achieved ~500 nm to 50 nm or less.  
Process simulations based on the detailed model for permeation through the membrane 
combined with a plug flow model along the length of the membrane, were also performed. 
Promising design options were determined to carry out butane isomer separation at 
industrial scale and compared to the current distillation technique. A single-stage 
membrane process was found to be inadequate as the purity is ~2% lower as compared to 
the one achieved by distillation. A two stage membrane process, although matches the 
distillation performance, requires prohibitively large membrane area. Moreover, replacing 
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distillation completely by membranes does not leverage the existing capital infrastructure. 
Therefore, a hybrid membrane-distillation process, which exploits the advantages of both 
processes was examined and found to be energy efficient and economically attractive. A 
series hybrid process, which is expected to be easy to retrofit and control, was proposed 
for this separation. With a 10-fold improvement in permeance as compared to that in 
current state-of-the-art ceramic supported MFI membranes, payback period of 3 years can 
be achieved with installed membrane cost of up to $5,000/m2. Alternatively, the same 
payback period can be achieved by the current technology if manufacturing improvements 
bring the membrane cost down to $500/m2. 
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Chapter 4: Bioethanol enrichment using 
hydrophilic and hydrophobic membranes 
4.1 Introduction 
Ethanol, derived from lignocellulosic biomass, is considered a promising renewable 
fuel [191–193]. The biochemical conversion of biomass to fuel-grade ethanol (99.5 wt. %) 
requires several steps, namely, pretreatment, hydrolysis, fermentation and dehydration 
[194,195]. Among these steps, the dehydration consumes more than half of the energy and 
contributes correspondingly to the operating cost of the entire process, thereby reducing 
the environmental and economic benefits of bioethanol as a fuel [196–198]. Thus, various 
energy-efficient separation alternatives have been developed for sustainable production of 
bioethanol [199–201]. 
Zeolite membrane separation has also been proposed as a possible solution [202–204]. 
Hydrophilic zeolite membranes (e.g., zeolite NaA membranes) have been developed and 
commercialized for dehydrating streams near the azeotropic concentration [205,206]. On 
the other hand, hydrophobic zeolite membranes (e.g., all-silica MFI membranes), which 
have a greater affinity towards ethanol, have been considered for the enrichment of dilute 
ethanol feed [18,26,207]. To date, only hydrophilic zeolite membranes have been 
implemented in industry for obtaining fuel-grade ethanol from mixtures near the azeotropic 
concentration [13]. The primary reason for commercialization of hydrophilic membranes 
is their higher flux (~ 10-fold) and separation factor (~ 100-fold) compared to those 
obtained for hydrophobic membranes [23]. The higher flux is attributed to the selective 
permeation of faster-moving water molecules in hydrophilic membranes as compared to 
the selective permeation of slower moving ethanol molecules in hydrophobic membranes. 
The lower separation factor for hydrophobic membranes is attributed to the unavoidable 
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water co-adsorption due to hydrogen-bonding effects (i.e., water is brought in by adsorbed 
ethanol molecules) [52,208] and due to favorable interaction of water molecules with 
hydrophilic silanol defects [109,209]. 
4.2 Model for hydrophilic zeolite membrane 
It has been shown that the hydrophilic zeolite membranes can be modeled using ideal 
theories and, thus, permeation can be characterized by almost constant permeance as 
observed both at lab-scale and industrial-scale experiments for a large range of operating 
conditions [210,211]. The hydrophilic membrane is operated in vapor permeation mode 
and is modeled using a constant permeance model: 
where J is the flux through the membrane, p is the partial pressure, П is the permeance and 
‘ret’ and ‘perm’ denote the retentate and the permeate side, respectively.  
As the hydrophilic membranes are currently used over azeotropic concentration, most 
of the experimental data is available at a feed concentration of 10 wt. % water. At 75 °C 
and 10 wt. % water, commercial hydrophilic membranes have exhibited a flux of 5-10 
kg/m2-hr (permeance of 4.5-9 x 10-6 mol/m2-sec) with separation factor > 10,000 
(selectivity of ~ 11,700) [14,206]. In other lab-scale experimental studies, while the 
permeance has been shown to be almost constant with increasing water content, the 
selectivity increased with the water content in the feed [210]. Usually, the hydrophilic 
membranes are operated in vapor permeation mode with feed at high temperature and 
pressure. Under these conditions, the commercial NaA zeolite membranes from Bussan 
Nanotech Research Institute Inc. (Japan) have exhibited a flux of 20 kg/m2-hr (permeance 
of 2.54 x 10-6 mol/m2-sec) at 130 °C and total pressure of 550 kPa for 10 wt. % water [212]. 
 
permiretii ppJ ,,i   (4.1) 
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Thus, hydrophilic membranes are modeled using a constant water permeance of 2.5 x 10-6 
mol/m2-sec and a selectivity of 10,000. 
4.3 Model for hydrophobic zeolite membrane  
However, due to the presence of strong intermolecular hydrogen-bonding interactions 
and defects, and the resulting highly non-ideal adsorption and diffusion behavior in 
hydrophobic membranes, the use of ideal theories based on single-component adsorption 
and diffusion leads to over-estimation of their separation capability [52,208].  
Here, atomistic-level simulations are carried out to obtain a consistent set of mixture 
adsorption and diffusion properties incorporating the effects of hydrogen bonding. 
Furthermore, real adsorption solution theory [69] and the Maxwell-Stefan formulation with 
non-zero correlation effects [43] are used to model the non-ideal interactions and determine 
permeation through the membrane. The support layer is also included in the model. The 
effects due to the hydrophilic defects are included using an empirical relation for enhanced 
water adsorption. 
4.4 Molecular simulation methods 
The molecular simulations were performed in collaboration with Dr. Peng Bai in 
Siepmann Research Group in Chemistry at the University of Minnesota. 
Ethanol, water, and the sorbate-zeolite interactions are described by the TraPPE-UA 
[213], TIP4P [214], and TraPPE-zeo [215] force-fields, respectively. This choice of 
molecular models has been shown to predict both the adsorption and diffusion properties 
in good agreement with available experimental data [52,208,215]. 
The solution-phase adsorption of water, ethanol, and their mixtures was calculated 
using configurational-bias Monte Carlo simulations [216–218] in the NPT-version of the 
Gibbs ensemble [219]. These simulations used a periodic box containing 12 unit cells of 
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zeolite MFI and a total of 1100 molecules for the entire system with overall compositions 
ranging from 64:1 to 1:64 water:ethanol, at T = 323 K and P = 1 atm.  
Diffusion coefficients were calculated using molecular dynamics simulations in the 
canonical ensemble [220,221] (ethanol mole fractions of 0.75, 0.85, and 0.92 for total 
loadings of 1, 2, 5, and 10 sorbate molecules per unit cell, 12 unit cells of MFI zeolite with 
fixed framework positions, T = 323 K, and a time constant of Tt = 100 fs for the thermostat) 
with starting configurations obtained from the above CB-GEMC simulations and initial 
velocities drawn randomly from the Maxwell-Boltzmann distribution. The linear regions 
with a unity slope in the logarithmic plots of mean-square displacements versus time were 
used to extract the Maxwell-Stefan diffusivity via the Einstein relation [222]. The complete 
details of the CB-GEMC and molecular dynamics simulations can be found in [52,215]. 
4.5 Adsorption modeling  
The single component adsorption for ethanol and water on defect-free and all-silica 
MFI zeolite shows good agreement with experimental measurements. In particular, water 
shows negligible adsorption at low pressure with a sudden uptake at ~100 MPa. Studies of 
water intrusion in other hydrophobic zeolites such as beta, chabazite, and ferrite, have 
similarly shown that water can adsorb only at high pressure on the order of 100 MPa [223]. 
However, in other studies, water uptake was observed even below the saturation vapor 
pressure and full loading is reached at ~0.1 MPa [224,225]. This water uptake at low 
pressure in supposedly hydrophobic adsorbents, including all-silica MFI zeolite, has been 
attributed to the hydrophilic defects in real crystal used in experiments [209].  
For mixture adsorption, water molecules get co-adsorbed with ethanol molecules 
through hydrogen bonding. This phenomenon lowers the selectivity values compared to 
those determined from single component adsorption isotherms. The extensively used Ideal 
Adsorption Solution Theory (IAST) does not account for these intermolecular interactions, 
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and thus, fails to interpret the results obtained by molecular simulations [52]. Thus, RAST 
was used and the activity coefficients based on the Margules equation [61]:  
 waterethanol xAAAx )(2ln 211221
2
water   (4.2) 
were used, and the associated parameters (A21 = -11.84 and A12 = 4.80) were obtained by 
fitting of the molecular simulation results. As ethanol adsorption is largely unaffected by 
the presence of water molecules, the activity coefficient for ethanol was selected as unity. 
As shown in Figure 4.1a, the RAST model agrees well with the results obtained by 
molecular simulations and yields mean squared errors for the ethanol and water loadings 
of 0.08 and 0.03, respectively. 
 
Figure 4.1: (a) Adsorption isotherm as function of ethanol partial pressure (lower axis) obtained 
using CB-GEMC (Configurational-Bias Monte Carlo - Gibbs Ensemble) simulations and fitted 
using Real Adsorption Solution Theory for water-ethanol mixture in all-silica MFI zeolite at T 
= 323 K. The corresponding ethanol wt. % in solution-phase is labelled on the upper axis. The 
standard error of the mean for the simulation data is smaller than the symbol size. (b) Maxwell-
Stefan diffusion coefficients for water-ethanol mixture obtained using molecular dynamics 
simulations and fitted as a function of total fractional loading in all-silica MFI zeolite at T = 323 
K. 
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4.6 Diffusion modeling  
The single component diffusion coefficients of ethanol and water in MFI zeolite has 
also been extensively studied in the literature [47,84,226–235]. Although it is well-
established that the diffusivity of water in MFI zeolite is an order of magnitude higher than 
that of ethanol, which is attributed to the smaller size of water molecules, the diffusivity 
values differ by over three orders of magnitude depending upon the techniques used to 
measure the diffusion coefficient. As shown in Figure 4.2, values obtained by molecular 
simulations and/or microscopic methods (10-9-10-10 m2/s) are 2-4 orders of magnitude 
higher than those obtained by macroscopic methods (10-13-10-14 m2/s) [23,47,84,230,236].  
 
Figure 4.2: Diffusion coefficient of (a) ethanol and (b) water in MFI zeolite at low 
concentration/infinite dilution obtained by various molecular simulations, microscopic and 
macroscopic experimental techniques.  
In this research, molecular dynamics simulations were used to obtain the mixture 
diffusion coefficients of water and ethanol for several values of total loading and mole 
fraction in all-silica MFI zeolite. Note that the adsorbed phase mole fractions do not include 
xethanol < 0.75, as they are constrained by mixture isotherms and solution-phase 
concentrations. The mixture diffusion coefficients are shown in Figure 4.3 and numerical 
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values are given in Table 4.1. The data indicate only a weak dependence on mole fraction 
(within the statistical uncertainty of the simulation data), but a pronounced dependence on 
loading and thus, the diffusivities were fitted only as a function of total fractional loading 
(Figure 4.1b). The diffusivities for water exceed those for ethanol by factors ranging from 
3 to 5 with the difference decreasing at higher loading. This can be attributed to the 
reasoning that in a binary mixture the slower moving molecules (ethanol) slow down the 
faster moving molecules (water) and vice-versa [228,237].  
 
Figure 4.3: Maxwell-Stefan diffusion coefficients for water-ethanol mixture in MFI zeolite 
obtained using molecular dynamics simulations for various ethanol mole fraction (0.75, 0.85 and 
0.92) and total loadings (1, 2, 5 and 10 molecules/UC) in the adsorbed phase at T = 323 K. 
 
Table 4.1. Mixture diffusion coefficients (Maxwell-Stefan obtained using molecular simulations) 
of water and ethanol in MFI zeolite at T = 323 K for various loading and mole fraction. 
No of molecules/12 UC Total fractional 
loading 
Diffusivity (10-8 m2/s) 
Total Water Ethanol Water Error Ethanol Error 
12 3 9 0.06 0.70 0.05 0.144 0.004 
12 1 11 0.06 0.73 0.05 0.137 0.006 
24 6 18 0.11 0.57 0.06 0.107 0.004 
24 4 20 0.12 0.57 0.07 0.120 0.003 
60 15 45 0.28 0.25 0.02 0.090 0.004 
60 9 51 0.30 0.32 0.03 0.076 0.002 
60 5 55 0.32 0.31 0.03 0.070 0.002 
120 10 110 0.63 0.12 0.02 0.047 0.001 
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4.7 Model validation  
The multi-component adsorption and diffusion models were incorporated in the 
Maxwell-Stefan formulation and the resulting model was solved in gPROMS [115]. The 
thicknesses of the zeolite layer and support layer, i.e. 1.5 μm and 3 mm, respectively, were 
chosen to be similar to those of MFI membranes for ethanol-water separation reported in 
[26]. Ethanol permeance and its selectivity over water are shown in Figures 4.4a and 4.4b, 
respectively. The permeance and selectivity values are selected for validation as opposed 
to commonly reported flux and separation factor because the permeance and the selectivity 
mainly reflect the intrinsic properties of the membranes while the flux and separation factor 
depend on the operating conditions to a larger extent [238].  
Ethanol permeance predicted by the model is found to be lower, while the selectivity 
was found to be higher as compared to those determined in an experiments [26]. To gain 
insights into this discrepancy, ethanol permeance predicted by the model considering only 
the support (i.e. neglecting the effect of the MFI zeolite layer) and selectivity considering 
only the zeolite layer without support (i.e. neglecting the effect of the support) are also 
shown. These values represent the highest permeance and the highest selectivity, 
respectively, that can be obtained by the membrane. As shown in Figure 4.4a-b, the 
permeance predicted by the model is almost equal to that obtained by the non-selective 
support layer. The selectivity (~1) is much less than that obtained by the selective zeolite 
layer. These results suggest that the zeolite layer in the simulated membrane is more 
permeable than the real membranes, and thus the overall permeation in the model is 
governed predominantly by the support layer, thereby resulting in lower selectivity and 
higher permeation rates as compared to those achieved in the experiment. This discrepancy 
has also been found in other studies in the literature [239], and is explained with the 
reasoning that the diffusion coefficients obtained using molecular simulations reflect the 
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behavior in crystals with ideal pore structure, while the presence of structural non-
idealities, compressive stresses, thermodynamic and physical surface barriers in the real 
membranes results in reduced permeation rates [84,184,185]. 
 
Figure 4.4: (a) Steady-state ethanol permeance and (b) selectivity of ethanol over water obtained 
in this study for various feed concentrations at 50 °C and permeate pressure of 100 Pa using the 
real adsorption solution theory and the Maxwell-Stefan formulation for an all-silica MFI 
membrane (1.5 μm thick zeolite layer and 3 mm thick support) pervaporation process, and 
compared to experimental values obtained in [26]. (c) Steady-state ethanol permeance and (d) 
selectivity obtained using a 120-fold reduction in diffusivity and including the effects of silanol 
defects compared to experimental studies in the literature. 
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Another discrepancy between the experimental and simulation results is the capability 
of simulated membranes to achieve selectivity as high as ~30 (for a 5 wt. % feed) as shown 
for the case “only zeolite layer” in Figure 4.42b. However, even for thicker membranes in 
which the permeation should be governed by mostly the zeolite layer, such high selectivity 
has not been experimentally reported in the published literature. The maximum selectivity 
obtained in the literature is ~10 as shown in Figure 4.4d. This may be because the 
simulation results are obtained for defect-free crystals while the presence of hydrophilic 
silanol groups at the grain boundaries and/or as internal defects in real membranes result 
in reduced selectivity [108,109,209,236]. It has been shown that up to 10 water 
molecules/UC (unit cell) can be adsorbed on silanol defects present in silicalte-1 crystals. 
Thus, the high selectivity realized in simulated membranes is not exhibited by the real 
membranes.  
The above-mentioned discrepancies can be accounted for in the model by reducing the 
permeation rate through the membrane and incorporating the effects of silanol defects. The 
permeation is reduced by using lower diffusivity values as suggested from the macroscopic 
measurements. It has been shown that the ethanol adsorption on hydrophobic zeolites is 
largely unaffected by water molecules but water adsorption is severely affected by ethanol 
molecules [52,240]. Thus, the effects due to silanol defects are incorporated by increasing 
the loading of water molecules. Furthermore, the defects become more prominent at lower 
ethanol loading when the zeolite is not saturated. At high ethanol loading, the adsorption 
of water is restricted by the presence of ethanol molecules. The following empirical relation 
was used to determine the loading of water molecules: 
where A is a fitting parameter. In addition to obtaining a good agreement between the 
selectivity determined from model and experiments, the value of A is selected such that the 
 )1(1 _sout_defectwater_with_defectswater_with satethanolethanol qqAqq   (4.3) 
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total fractional loading is always below unity. A 120-fold reduction in diffusion 
coefficients (of both water and ethanol molecules) and A = 7.5 provided good agreement 
with experimental data [207,240–242] over the entire concentration range (Figure 4.4c-d). 
The lower permeance obtained in [241] could be attributed to the thicker membranes used 
in their experiments compared to those in our model.  
 
Figure 4.5: Temperature dependence of (a) steady-state ethanol flux and (b) selectivity of 
ethanol over water in MFI membranes for a 3-7 wt. % ethanol feed. 
Due to the lack of adsorption and diffusion data at higher temperatures, the model 
developed is restricted to a feed temperature of 50 °C. However, it is well established from 
experimental studies [207,241,243–247] that the flux increases significantly with 
increasing temperature (due to an increase in driving force due to higher vapor pressure) 
while the selectivity decreases. As shown in Figure 4.5, the flux increases 4 to 5-fold from 
40 °C to 80 °C and another 3-fold from 80 °C to 120 °C while a 2-fold decrease in 
selectivity is observed. Thus, in order to describe the membrane separation performance at 
120 °C with our model, the relative permeation of ethanol over water in the model was 
reduced by 2-fold from its value at 50 °C. A comparison of the selectivity obtained from 
the model and those obtained in the experiments [207] is shown in Figure 4.6. The required 
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membrane area for 120 °C is estimated to be 1/9th of that required for 50 °C due to a 9-fold 
increase in ethanol permeation. 
 
Figure 4.6: Simulation results for selectivity of ethanol over water in MFI membrane permeation 
obtained using the model at 50 °C and using a reduced-selectivity model for 120 °C compared 
to the experimental results obtained by Weyd et al. [207]. 
4.8 Review of process design studies 
Most of the process design studies in the literature are either focused on hydrophobic 
membranes integrated with fermentation (reaction-separation integration) at very low 
ethanol concentration [248–250] or on hydrophilic membranes for enrichment over the 
azeotropic concentration [251]. Relatively few studies exist for using membranes with 
distillation (separation-separation integration) at low to intermediate ethanol concentration. 
A process using a combination of distillation, hydrophobic membranes and hydrophilic 
membranes, but without heat integration, has been proposed [252]. A heat-integrated low-
energy membrane/distillation process using both hydrophilic and hydrophobic membranes 
has also been proposed [253,254]. However, only polymer membranes have been 
considered in these studies. While zeolite membranes have shown better performance than 
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polymer membranes, the high cost and the lack of large-scale production capability are 
some of their major challenges [2,253]. However, the continuing commercialization of 
hydrophilic zeolite membranes [13] and the improvements in separation performance of 
hydrophobic zeolite membranes may overcome these limitations and enable 
commercialization of hydrophobic membranes as well. With this motivation, the process 
model developed for zeolite membrane separation is further used in designing heat 
integrated flowsheets for bioethanol enrichment, considering both hydrophobic and 
hydrophilic membranes. Thus, this research provides a comprehensive assessment of 
zeolite membrane separation for bioethanol enrichment, from atomistic-level simulation to 
process-scale design. Although beyond the scope of this research, the membrane model 
developed can be used for other bio refinery applications [255]. 
4.9 Base-case distillation for ethanol enrichment 
The separation process for recovering fuel-grade ethanol from the fermentation broth 
has been published by the National Renewable Energy Laboratory (NREL) [256]. The 
fermentation broth product, also known as beer, contains 5.5 wt. % ethanol and is enriched 
up to near azeotropic composition (93 wt. %) by a sequence of two distillation columns 
(beer column and rectification column). This is followed by molecular sieves adsorption 
process to achieve fuel-grade ethanol of 99.5 wt. %. The process flow diagram is shown in 
Figure 4.7.  
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Figure 4.7: Conceptual process flow diagram of base-case distillation for bioethanol enrichment 
based on the NREL report [256]. 
The beer column enriches the low concentration ethanol product from the fermenter to 
37 wt. % with a recovery of 99 %. The ethanol enriched stream is fed to the rectification 
column. In addition, a 72 wt. % recycle stream from the molecular sieve adsorption process 
is also fed to the rectification column. The vapor overhead from the rectification column 
recovers 99.9 % of ethanol at 93 wt. %. Further dehydration to fuel grade ethanol 
(99.5 wt. %) is carried out by molecular sieve adsorption. Recently, hydrophilic zeolite 
membranes have also been implemented in industry for this dehydration step [13]. As 
zeolite membranes/molecular sieves have already been commercialized for ethanol 
enrichment over the ethanol/water azeotropic composition, the viability of zeolite 
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membranes only for separation to achieve the azeotropic composition is examined in this 
study. The total heating and cooling duties required for distillation separation are 45 MW 
and 27.5 MW, respectively. As heating and cooling duties require different amount of fuel  
per unit of energy, the corresponding fuel-equivalent energy is also calculated. The fuel-
equivalent energy for heating duty (steam) is estimated considering a boiler efficiency of 
90 % so that 1 MJ of steam energy requires 1.11 MJ fuel-equivalent energy. The minimum 
energy cost associated with cooling is estimated using an expression obtained from the 
Carnot cycle: 
where Eelec is the electric power required for a unit of cooling power (Ecooling) at a 
temperature of Tcooling. Furthermore, the fuel-equivalent energy for cooling duty is 
estimated considering a compressor efficiency of 90%, ambient temperature of 300 K and 
3 MW-fuel equivalents for 1 MW of electrical power. The corresponding fuel-equivalent 
energy is determined to be 8.29 MJ-fuel/kg-ethanol. As the process also includes the 
additional energy associated with the recycle stream from the molecular sieves, the 
corrected energy is calculated to be 7.67 MJ-fuel/kg-ethanol for concentration up to 
azeotropic composition. For reference, the heat of combustion of ethanol is 30 MJ/kg [201]. 
In the next sections, the separation performance of both the hydrophobic and hydrophilic 
zeolite membranes is analyzed and evaluated against the distillation process.  
4.10 Application of zeolite membranes at low ethanol concentration  
As the fermentation product contains ~ 5 wt. % ethanol, only ethanol-selective 
hydrophobic MFI membranes are examined.  
The membrane process can be operated either in an end-of-pipe mode or a slip-stream 
mode. In the end-of-pipe process, the alcohol is recovered after the fermentation has 
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reached completion while in a slip-stream process, alcohol recovery and fermentation are 
carried out simultaneously. Although the slip-stream process reduces product inhibition 
and improves fermenter productivity, additional preconditioning such as degassing, 
heating and solids removal is necessary before ethanol recovery. Furthermore, the effect of 
broth components on the membrane fouling and on the thermodynamics and transport of 
water-ethanol mixture through the membrane should be included. Other considerations in 
integrating the pervaporation with the fermentation system have been reviewed by Vane et 
al. [203]. Fermenter modeling and its response to continuous removal of ethanol is beyond 
the scope of this study and, thus, zeolite membrane separation with only end-of-pipe 
recovery mode is considered. 
Another design parameter is the feed temperature. Fermentation is usually carried out 
below 30 °C as higher temperatures can be lethal to the micro-organism [201]. 
Temperatures larger than 60 °C also cause enzyme deactivation. Recovery at near 
fermenter temperature allows recycling of micro-organism and enzymes, thus increasing 
fermenter productivity. It also eliminates the need for heating and the associated heat 
transfer equipment. However, for pervaporation, the driving force due to the saturated 
vapor pressure on the feed side increases with temperature leading to higher flux at elevated 
temperatures, but with a decrease in selectivity. For instance, for a 5 wt. % mixture, ethanol 
partial vapor pressure is 0.9 kPa at 30 °C, 2.7 kPa at 50 °C and 10.4 kPa at 80 °C, as 
determined using the non-random two-liquid (NRTL) vapor-liquid equilibrium. As ethanol 
partial pressure on the permeate side should be lower than that on the feed side, the 
permeate should be immediately condensed so that the total pressure on the permeate side 
is equal to the corresponding vapor pressure of the condensed permeate. Thus, another 
advantage associated with high-temperature pervaporation is that the permeate can be 
maintained at near room temperature without the need of expensive cooling, e.g., 
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temperature as low as -30 °C is required for a permeate pressure of 0.1 kPa, -5 °C for 1.0 
kPa and 20 °C for  5 kPa. Cooling at -30 °C requires 0.78 MW-fuel/MW-cooling which is 
almost double the amount of energy than that required for cooling at -5 °C (0.40 MW-
fuel/MW-cooling). Here, feed temperatures of 50 °C and 120 °C and permeate pressures 
of 1 kPa and 5 kPa are considered. 
The low pressure on the permeate can be generated using vacuum pumps and/or 
ejectors [257]. The vacuum generation will be required only at the start-up and the resulting 
low pressure can be subsequently maintained by condensing the permeate considering there 
are no air-leaks. However, air leakage into the vacuum system is an important concern and 
ejectors are commonly applied in process industries for evacuating the leaked air and 
maintaining pressures below atmospheric pressures. Thus, an ejector system was designed 
according to the procedure specified in [257] for maintaining pressure with a suction load 
equivalent to air leak rate (Figure 4.8).  
 
Figure 4.8: A 3-stages ejector system in series for evacuating the leaked air for a 10,000 m2 
membrane module operating at a permeate pressure of 1 kPa. 
The permeate pressure of 1 kPa was maintained by implementing a 3-stages ejector 
system in series i.e. from 7.5 torr (1 kPa) to 50 torr (6.7 kPa), from 50 torr (6.7 kPa) to 200 
torr (26.7 kPa) and from 200 torr (26.7 kPa) to 800 torr (106.7 kPa). Considering a 
membrane area of 10,000 m2 and a packing of 100 m2/m3, the permeate volume is 
calculated to be ~ 50 m3. The corresponding air leak rate is determined to be 14 kg/hr. The 
total medium pressure steam usage is calculated to be 70 kg/hr and the cooling water usage 
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to be 2,640 kg/hr. A total of 0.05 MW of fuel power is consumed which amounts to only 
0.007 MJ-fuel/kg-ethanol. The size of three ejectors is estimated to be 3 in. by 30 in. 
(weight: 200 lb), 1.5 in. by 15 in. (weight: 70 lb), and 1 in. by 10 in. (weight: 40 lb), 
respectively, while the size of the condensers are estimated to be 2.7 m2 and 0.4 m2. Thus, 
this process requires only a small amount of energy and capital cost which is insignificant 
compared to the requirement for the overall process. [31-37]  
As the pervaporation involves phase change from liquid to vapor phase, energy 
corresponding to latent heat is supplied on the retentate side. Cooling is needed on the 
permeate side to condense the permeate and maintain the required temperature. The 
separation performance for a recovery of ~ 99 % (similar to that obtained for the beer 
column) is shown in Figure 4.9. The required membrane area and ethanol purity with 
increasing recovery is shown in Figure 4.10. It is found that the membranes at their current 
performance are unable to match the purity obtained by the beer column. Furthermore, the 
membrane area required for 50 °C operation is prohibitively large. Only defect-free 
membranes at 120 °C operation appear promising in that they can meet the beer column 
purity and require reasonable  membrane area (~10,000 m2). As shown in Figure 4.9, 
permeate pressure of 1 kPa yields better purity and requires less area as compared to that 
for 5 kPa. However, maintaining a permeate pressure of 1 kPa requires expensive cooling 
(at -5 °C) as opposed to cooling at near ambient temperature (20 °C) for a permeate 
pressure of 5 kPa.  
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Figure 4.9: (a) Ethanol purity obtained and (b) membrane area required for bioethanol 
enrichment of low ethanol concentration feed (5 wt. %) obtained from the fermenter using 
hydrophobic MFI zeolite membranes for a permeate pressure of 1 kPa and 5 kPa. The 
corresponding purity for the beer column is also shown. 
 
Figure 4.10: Simulation results for the separation performance of hydrophobic MFI zeolite 
membrane (1.5 μm thick zeolite layer and 3 mm thick support) for an aqueous feed at a low 
ethanol concentration of ~ 5 wt. % from fermenter. Feed temperature of 50 °C and a permeate 
pressure of (a) 1 kPa and (b) 5 kPa. The corresponding purities for defect-free membranes are 
also shown. 
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The separation for both the cases (permeate pressure of 1 kPa and 5 kPa) for defect-
free membranes operating at 120 °C is further analyzed to estimate the total energy 
requirement. The ethanol enriched permeate stream is fed to the distillation (rectification) 
column to achieve the target purity of 92.6 wt. % (Figure 4.11). A major part of energy is 
consumed in the reboiler duty of the rectification column and as the latent heat associated 
with the pervaporation process. The increase in reboiler duty of the rectification column as 
compared to that required for base case is due to the low-temperature liquid feed permeate 
in the membrane process as opposed to high-temperature vapor product obtained from the 
beer column. The significant amount of energy on the feed side of the pervaporation 
process is attributed to the ~ 3-fold larger latent heat of water (~ 2.26 MJ/kg) as compared 
to that of ethanol (~ 0.84 MJ/kg). Thus, water consumes almost 77 % of the latent energy 
for a permeate pressure of 5 kPa. This energy can be reduced by lowering the permeate 
pressure as it results in lesser water permeation. At a permeate pressures of 1 kPa, the 
energy required on the feed side reduces by 35 %. However, the additional energy required 
for cooling on the permeate side associated with lower permeate pressure results in only 
modest total energy savings. Nonetheless, the total energy requirement (~ 12 MJ-fuel/kg-
ethanol) is almost 1.5-fold as compared to that for distillation. Furthermore, at the current 
cost estimate for zeolite membranes ($1,000-5,000/m2) [13], the membrane area 
requirement would result in a capital cost of over 8 million USD. In comparison, the capital 
cost of the beer column, based on the specifications provided in the NREL report [256], is 
estimated to be only ~ 2 million USD. Thus, the membrane separation process results in 
higher energy and capital cost than distillation. This superior performance of distillation 
over membrane separation can be attributed to the favorable vapor-liquid equilibrium (high 
relative volatility) for water-ethanol mixture at low concentration and the high energy 
(latent heat) requirement associated with water permeation in the pervaporation process. 
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As the effect of both these factors diminishes, i.e., both the relative volatility and the 
amount of water permeation decreases with increasing ethanol concentration, the 
membrane separation for intermediate ethanol concentration feed is analyzed next.    
 
Figure 4.11: Conceptual process flow diagram of bioethanol enrichment using defect-free 
hydrophobic MFI zeolite membrane at low ethanol concentration feed (5 wt. %) obtained from 
the fermenter followed by the distillation (rectification) column. The membrane area required is 
59,000 m2 for a permeate pressure of 5 kPa and 44,000 m2 for a permeate pressure of 1 kPa. 
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4.11 Application of zeolite membranes at intermediate ethanol 
concentration  
While it is practical to use hydrophobic membranes for recovery of low ethanol feed 
concentration (from fermenter at 5 wt. %) and hydrophilic membranes for dehydration of 
high ethanol feed concentration (above azeotropic composition), both hydrophobic and 
hydrophilic membranes can be used at intermediate feed concentration (from the beer 
column at 37 wt. %). In this section, process designs based on hydrophobic membranes, 
hydrophilic membranes and a combination of the two are analyzed.  
4.11.1 Hydrophobic membranes 
The separation performance of MFI zeolite membranes for a recovery of ~ 99 % 
(similar to that obtained for the rectification column) is shown in Figure 4.12. The 
membrane area and purity with increasing recovery is shown in Figure 4.13. It is found 
that the target purity (~ 93 wt. % as attained for the rectification column) can only be 
achieved for defect-free membranes operating at a feed temperature of 50 °C and a 
permeate pressure of 1 kPa. The corresponding total membrane area required is found to 
be ~ 21,000 m2. At a cost estimate of $1,000/m2, it would result in an excessive capital cost 
of over 20 million USD. In comparison, the cost of the rectification column based on the 
specifications provided in the NREL report [81], is estimated to be ~1.5 million USD. 
Although the area can be reduced to ~ 2,400 m2 by operating at 120 °C (Figure 4.13), it 
results in a purity of only 85 wt. % as the selectivity decreases by 2-fold on increasing the 
temperature from 50 °C to 120 °C. Thus, in addition to defect-free membranes, either a 5- 
to 10-fold improved permeance for operation at 50 °C or a 2-fold improved selectivity for 
operation at 120 °C is required to meet the rectification column purity with a reasonable 
area requirement.  
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Figure 4.12: (a) Ethanol purity obtained and (b) membrane area required for bioethanol 
enrichment of intermediate ethanol concentration feed (37 wt. %) obtained as the beer column 
product using hydrophobic MFI zeolite membranes for a permeate pressure of 1 kPa and 5 kPa. 
The corresponding purity for the rectification column is also shown. 
 
 
Figure 4.13: Simulation results for the separation performance of hydrophobic MFI zeolite 
membrane (1.5 μm thick zeolite layer and 3 mm thick support) for aqueous feed at an 
intermediate ethanol concentration of ~ 37 wt. % from beer column. Feed temperature of 50 °C 
and a permeate pressure of (a) 1 kPa and (b) 5 kPa. The corresponding purities for defect-free 
membranes are also shown. 
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An energy analysis was also performed to compare the membrane separation process 
against distillation. Defect-free membranes operating at a feed temperature of 50 °C and a 
permeate pressure of 1 kPa are considered. As the ethanol enriched stream from the beer 
column is obtained at 117 °C and the membrane is operated at 50 °C, the heat released 
during condensation is integrated within the process to provide heat of vaporization for 
pervaporation process and to heat the cold permeate streams. The resulting process flow 
diagram is shown in Figure 4.14. The total amount of energy required is determined to be 
7.67 MJ-fuel/kg-ethanol. If similar purity can be obtained at a permeate pressure of ~ 5 
kPa, the energy consumption can be further reduced to 7.07 MJ-fuel/kg-ethanol resulting 
in ~ 15 % savings as compared to the base case requirement of 8.29 MJ-fuel/kg-ethanol. 
However, the large membrane area required for the membrane separation poses a challenge 
for their implementation. 
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4.11.2 Hydrophilic membranes 
As hydrophilic zeolite membranes have already been commercialized, their separation 
performance at industrial scale can be used to analyze their viability to replace the 
rectification column. This would require the dehydration of the beer column product from 
 
Figure 4.14: Conceptual process flow diagram of bioethanol enrichment using defect-free 
hydrophobic MFI zeolite membranes (M301) at intermediate ethanol concentration feed (37 
wt. %) obtained as the beer column side draw. The recycle stream from molecular sieves is also 
fed to defect-free hydrophobic MFI zeolite membranes (M302). The membrane area required is 
21,000 m2 for M301 and 3,500 m2 for M302. 
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63 wt. % water and the molecular sieve recycled stream from 28 wt. % water to nearly 7 
wt. % water. As suggested earlier, the hydrophilic membrane separation process is operated 
in vapor permeation mode and is modeled using a constant water permeance of 2.5 x 10-6 
mol/m2-sec and a selectivity of 10,000 based on the performance exhibited by commercial 
hydrophilic membranes. A feed temperature of 120 °C is considered while the permeate is 
maintained at 40 °C (~ 10 kPa). Simulations were performed to determine the membrane 
separation performance and the results are shown in Figure 4.15. For the ethanol recovery 
of 99.93 %, the total membrane area is found to be ~ 3,300 m2 and the overall purity is 
determined to be ~ 98 wt. %. At a membrane cost of $1,000/m2, it would cost a total of ~ 
3.3 million USD. Thus, hydrophilic membranes can achieve higher than the target purity 
at a capital cost comparable to the distillation column.  
 
Figure 4.15: Simulation results for the separation performance of hydrophilic NaA zeolite 
membrane for vaporized feed at an intermediate ethanol concentration of (a) ~ 37 wt. % from 
beer column and (b) ~ 72 wt. % from molecular sieve recycle at 120 °C and a permeate pressure 
of 10 kPa. 
Next, an energy analysis was performed to compare these membranes against the 
rectification column. The process flow diagram is shown in Figure 4.16. The total energy 
required is determined to be 8.26 MJ-fuel/kg-ethanol which is almost equal to the base case 
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distillation process. The higher energy requirement for hydrophilic membrane separation 
is due to ~ 3-fold higher energy (latent heat of water ~ 2.26 MJ/kg) consumed during water 
permeation than required for ethanol permeation (latent heat of water ~ 0.84 MJ/kg) for 
hydrophobic membranes. Considering that almost pure components are obtained in 
permeate, hydrophilic membranes would be effective for ethanol feed concentration only 
above 72 wt. %. Alternatively, it can be argued that as the molar latent heat of vaporization 
for water and ethanol is almost equal (~ 40 MJ/mol), hydrophilic membranes should be 
more practical for a solution with > 50 mol % (~ 72 wt. %) of ethanol. As the feed (from 
the beer column) is only 37 wt. % (~ 20 mol %), separation using hydrophilic membranes 
leads to higher energy consumption than hydrophobic membranes and no energy savings 
can be realized by replacing the rectification column with hydrophilic membranes. 
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4.11.3 Combination of hydrophobic and hydrophilic membranes 
As hydrophobic membranes results in energy savings but cannot attain the required 
purity and hydrophilic membranes are better suited for higher ethanol feed concentration, 
 
Figure 4.16: Conceptual process flow diagram of bioethanol enrichment using hydrophilic NaA 
zeolite membranes (M401) at intermediate ethanol concentration feed (37 wt. %) obtained as the 
beer column side draw. The recycle stream from molecular sieves is also fed to hydrophilic NaA 
zeolite membranes (M402). The membrane area required is 3,000 m2 for M401 and 300 m2 for 
M402. 
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thus, hydrophobic membrane separation followed by hydrophilic membrane separation is 
also considered. The corresponding process flow diagram is shown in Figure 4.17. As the 
hydrophobic membrane separation is carried out as pervaporation, the saturated vapor 
product from the beer column (at 117 °C) is condensed and the membrane separation is 
carried out at 100 °C. The heat released during condensation is used to provide heat of 
vaporization for pervaporation process and to heat the cold permeate streams. The permeate 
stream from the hydrophobic pervaporation separation is further enriched by hydrophilic 
membrane separation. As hydrophilic membranes show better performance during vapor 
permeation separation, the permeate from the hydrophobic membrane separation and the 
recycle stream from molecular sieves were mixed together and vaporized to 100 °C before 
feeding to the hydrophilic membrane unit. Ethanol recoveries of 99.95 % and 99.98 % were 
set for hydrophobic and hydrophilic membrane separation, respectively, to achieve a total 
recovery of 99.93 %.  
A final purity of 93.2 wt. % is achieved for the combined process with the total 
membrane area requirement of ~ 9,000 m2 (hydrophobic membrane area of ~ 8,000 m2 and 
hydrophilic membrane area of ~ 1,000 m2). The total amount of energy required is 
calculated to be 7.07 MJ-fuel/kg-ethanol. This results in a total energy savings of ~ 15 % 
as compared to the base case requirement of 8.29 MJ-fuel/kg-ethanol. In what follows, a 
techno-economic analysis is carried out to determine the target cost of zeolite membranes 
for their economic viability.  
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Figure 4.17: Conceptual process flow diagram of bioethanol enrichment using defect-free 
hydrophobic MFI zeolite membranes (M501) at intermediate ethanol concentration feed (37 
wt. %) obtained as the beer column side draw. The ethanol-enriched permeate from M501 and 
the recycle stream from molecular sieves is fed to hydrophilic NaA zeolite membranes (M502). 
The membrane area required is 8,000 m2 for M501 and 1,000 m2 for M502. 
4.12 Techno-economic analysis 
An economic assessment was performed to determine the NPV (net present value) 
profits over base case distillation. Only the combination of defect-free hydrophobic and 
hydrophilic membranes case (Figure 4.17) is considered as it shows the highest potential 
for separation. A discount rate of 10 % per annum was assumed. Furthermore, the 
membrane was assumed to have a lifetime of 5 years and to cost 50 % of the initial 
investment when replaced. Since the objective is to calculate the profits over distillation, 
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the labor cost, overhead expenses, and other related maintenance costs etc., were not 
included, as these expenses will be common for both processes. Similarly, the capital cost 
of the beer column is also common for both processes. However, the capital and operating 
expenses for the additional ancillary equipments were included in the analysis. 
Table 4.2. Cost of utilities based on 2017 prices of natural gas ($3.50/GJ) and electricity 
($0.07/kWh). 
Utility Cost ($/GJ) 
High-pressure steam 6.17 
Medium-pressure steam 4.93 
Low-pressure steam 4.67 
Cooling water 0.35 
Cooling at 5 °C 4.43 
Cooling at -5 °C 7.88 
Cooling at -20 °C 13.11 
The capital cost for rectification column based on the specifications provided in the 
report by NREL [256] is determined to be 1.39 million USD. In comparison, the capital 
cost for the membrane separation process considering a membrane cost of $1,000/m2 is 
calculated to be ~ 10 million USD. For operational expenditure, the cost of various utilities 
is calculated using the procedure specified in [190] and is shown in Table 4.2. These are 
based on the natural gas ($3.50/GJ) and electricity ($0.07/kWh) prices for industrial use 
obtained from the US EIA database. The total operating cost for the base case distillation 
and the membrane separation are determined to be 6.32 and 5.38 million USD, 
respectively. 
The NPV profits for a 20-year projection are shown in Figure 4.18 for membrane cost 
of $100-1,000/m2. It is found that at a cost of $1,000/m2 (lower end of the estimate for 
current zeolite membrane cost), the membrane separation process results in no profit over 
distillation. At large scale production, the cost of zeolite membranes can be as low as 
$500/m2 which will bring down the payback period to 4 years. However, further 
improvements are required to reduce the area requirement or equivalently bring down the 
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membrane cost to $100/m2 to achieve a payback period of 1 year. These improvements can 
either be achieved by making the supports thinner to improve the permeation [258–260] 
and/or replacing the expensive ceramic support by low-cost polymer-based support [261]. 
 
Figure 4.18: 20-year projection of Net Present Value (NPV) profits for a zeolite membrane 
separation process for bioethanol enrichment of intermediate ethanol concentration feed obtained 
at 37 wt. % from beer column using a combination of hydrophobic and hydrophilic membranes 
over the distillation process based on the NREL report [256]. Results shown for a membrane 
lifetime of 5 years, discount rate of 10 % and a membrane cost of $100-1,000/m2. 
4.13 Conclusion 
A comprehensive study of zeolite membrane separation for bioethanol enrichment is 
performed. Atomistic-level and molecular dynamics simulations are carried out to study 
the adsorption and diffusion of the ethanol-water mixture in hydrophobic all-silica MFI 
zeolites. The strong non-ideal interactions due to hydrogen bonding and hydrophilic 
defects significantly affects the separation performance of the hydrophobic zeolite 
membranes and thereby results in the failure of membrane models based on single 
component or ideal theories. To overcome these challenges, the real adsorption solution 
theory and the Maxwell-Stefan formulation with non-zero correlation effects for transport 
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were used to describe the permeation through zeolite membranes. The higher steady state 
permeance values predicted by the model than those determined in experiments suggest 
the presence of structural non-idealities, compressive stresses, and surface barriers in the 
real membranes and results in reduced permeation rates. Furthermore, real membranes 
show lower selectivity which is attributed to the presence of hydrophilic silanol defects. 
Hence, the diffusion coefficients in the model were reduced by a factor of 120 and the 
hydrophilic defects were accounted by enhanced water adsorption to obtain an 
experimentally validated model. For hydrophilic NaA zeolite membranes, the separation 
performance at industrial scale was used to determine the permeance and the selectivity. 
Conceptual process design studies were also performed to study the energetic and 
economic viability of zeolite membranes over distillation separation. It is found that defect-
free membranes are required to achieve similar performance as distillation. At low ethanol 
concentration, both the high relative volatility of ethanol over water and the significant 
energy requirement associated with latent heat for the pervaporation process favor 
distillation over membrane separation. At intermediate ethanol concentration, it is found 
that hydrophobic zeolite membranes have potential for energy savings but a 2-fold 
improvement in selectivity is required to meet distillation purity. Hydrophilic zeolite 
membranes can achieve higher purity than distillation but consume almost similar energy 
as that required for distillation. Thus, a combination of hydrophobic and hydrophilic 
membrane separation is considered which can achieve the required purity with 15 % energy 
savings over distillation. The techno-economic analysis suggests that ~ 10-fold 
improvements in permeation or equivalent cost reductions are required for economic 
viability of this scheme. 
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Chapter 5: Debottlenecking heat-integrated 
propylene-propane distillation separation using 
membranes  
5.1 Introduction 
Olefins, such as ethylene and propylene, are one of the largest feedstocks of chemical 
industry, and precursors to several important polymers and organic chemicals including 
polyethylene, polypropylene, ethylene oxide, isopropyl alcohol, etc. This is also 
recognized from their (ethylene and propylene) combined global annual production 
capacity which exceeds 200 million tonnes, and is expected to increase at a growth rate of 
~4% [262,263]. Most of these olefins are obtained by cracking from light hydrocarbons 
including ethane and propane [264]. As a part of their production process, olefin/paraffin 
separation is required and is traditionally accomplished using distillation. Due to similar 
boiling points (or low relative volatility), distillation results in a capital and energy 
intensive separation. The separation is performed under high pressure (> 10 bar) and 
requires cryogenic conditions (-30 °C) for ethane/ethylene separation (C2 splitter) [265], 
and over 200 trays for propylene/propane separation (C3 splitter) [266]. 
Membrane separation is one of the several alternate processes [267–271] proposed for 
this separation. As replacement of distillation column is not feasible at the current 
membrane separation performance, hybrid membrane-distillation has been proposed for 
near-future application, and has been extensively studied for olefin/paraffin separation in 
the literature [262,272]. A selectivity of ~20 is considered effective for both 
ethane/ethylene [265,273] and propylene/propane separation [274–277], and has been 
shown to achieve 20-30% energy or total cost savings. It is also expected that the 
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improvement in separation performance of membranes over time can eventually lead to the 
replacement of C2 and C3 splitter [262,272]. 
In all of above mentioned hybrid membrane-distillation studies, a conventional 
distillation column is selected as the base case. On the other hand, heat-integrated columns 
have also been evaluated for energy savings in separation using distillation [8,278,279]. 
Both external and internal heat integrated columns have been considered. In external heat 
integration, the vapor from the top tray is compressed to an extent such that the increase in 
temperature allows heat-exchange with the condenser before entering as a reflux stream. 
In internal heat integrated columns, similar heat exchange can also take place between the 
trays in stripping and rectification section of the column. It has been shown that an external 
heat integrated consumes ~6-fold lesser energy when compared to conventional column 
for propylene/propane separation [8,278]. Further, an internal heat integrated column only 
achieves marginal or no energy savings over an external heat integrated column for 
propylene/propane separation. Nonetheless, the heat integration offers potential savings 
[279]. 
Although membranes have shown potential in hybrid configuration with conventional 
distillation column, no studies exist to evaluate their performance compared to heat-
integrated distillation column. In this research, the scope of membranes for 
propylene/propane separation is evaluated, and compared to both the conventional and 
heat-integrated columns. Further, their application for propylene recovery from reactor 
purge stream in the synthesis of products, such as polymers, cumene, isopropyl alcohol etc. 
is also considered [272,280]. These purge streams are usually lost or flared which is 
inefficient from both the energy and the environmental considerations. Although these 
streams are small for distillation to be economical, implementation of membrane separation 
proposes savings over a few million USD annually [272,280]. 
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5.2 Separation using distillation 
5.2.1 Conventional distillation column 
A distillation column (Figure 5.1a) for obtaining 99.7 mol % pure propylene (polymer-
grade propylene) at an annual production of 250,000 tonnes was simulated using RadFrac 
model in Aspen Plus. A feed of 70 mol % propylene is considered, and the column is 
simulated to obtain 99 mol % propane as bottoms. The number of trays was fixed at 247, 
and a uniform pressure of 15 bar (top temperature of 35 °C) is considered which allows 
cooling water to be used as the cooling duty. Redlick-Kwong-Soave model was selected as 
the property method. A temperature-independent heat of vaporization of 18.5 kJ/mol was 
used for both the components as obtained from the database on NIST website [281,282]. 
The heat of vaporization obtained from Aspen properties declines with temperature, and is 
thus overridden for energy calculation. The energy consumption and other results are 
shown in Table 5.1, and are in agreement with the results obtained in the literature 
[266,274]. As shown, > 50 MW of reboiler and condenser duties are required reflecting an 
energy-intensive process.  
Table 5.1. Feed conditions and separation performance of C3 splitter 
Feed pressure 15 bar 
Feed vapor fraction 0 
Feed flowrate 295.53 mol/s 
Feed propylene mol % 70.0 mol % 
Column pressure 15  
Total stages 247 
Feed stage 192 
Trays 247 
Propylene in distillate 99.7 mol % 
Propane in bottoms 99.0 mol % 
Reboiler duty 56.49 MW 
Condenser duty 56.34 MW 
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Figure 5.1: Schematic of (a) a conventional distillation column, and (b) a heat-integrated vapor 
recompression distillation column for propane-propylene separation (C3 splitter). 
5.2.2 Heat integrated distillation column 
A heat integrated column was also modeled. The heat integration can be broadly 
performed in two ways: (i) in an external heat integration, the vapor from the top tray is 
compressed to an extent such that the increase in temperature allows heat-exchange with 
the condenser before entering as a reflux stream, and (ii) in an internal heat integrated 
columns, additional heat exchange can also take place between the trays in stripping and 
rectification section of the column [283]. It has been shown that an external heat integrated 
consumes ~6-fold lesser energy when compared to conventional column for 
propylene/propane separation [8,278]. Further, an internal heat integrated column only 
achieves marginal or no energy savings over an external heat integrated column for 
propylene/propane separation, and adds more design complexities [8,279]. Thus, an 
external heat-integrated column, also known as vapor recompression column, is selected 
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in this study (Figure 5.1b). In a conventional distillation column, the condenser 
temperature is lower than the reboiler temperature and prohibits heat integration. In a vapor 
recompression column, the vapor stream is compressed so that its temperature rises above 
the bottom stream temperature, and enables heat integration between condenser and 
reboiler. It should be noted that the lesser the difference in the boiling points of the 
components, the lesser is the energy required for compression to enable heat-integration. 
The energy requirement of a vapor recompression column operating at pressures of 12 and 
15 bar with temperature difference (corresponding saturation temperature at higher 
pressure – reboiler temperature) of 5 °C and 10 °C are calculated. The heat integrated 
column under these conditions requires 2-3 MW of compressor energy as opposed to ~ 50 
MW of thermal energy required for conventional column. The discrepancy between energy 
consumption (20-fold lesser energy as opposed to 6-fold lesser energy in the literature 
[8,278]) is due to our approach for using heat of vaporization values from NIST website as 
opposed to using inherent values from Aspen database. Further, as compression work has 
high exergy than thermal energy (fuel-equivalent energy for electricity is ~3-fold than that 
for steam [200]), heat-integration achieves 85-90 % of energy savings. 
5.2.3 Remarks on operation of conventional and heat-integrated columns 
Distillation without heat integration is usually operated at high pressure (~15 bar) so 
that cooling water can be utilized for condenser, and this configuration is commonly known 
as high-pressure system [284]. The column design with heat integration is usually operated 
at lower pressure (~ 12 bar) as relative volatility is improved at lower pressure, and results 
in lower energy consumption. This external heat integrated configuration is commonly 
known as heat pump system [284]. While heat-integration through heat-pump achieves 
significant energy savings, such designs are challenging to operate and control due to 
reduction in available degrees of freedom [9,285], and, thus, are not routinely implemented 
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in industry. Further, low-grade heat (such as, quench water) is usually readily available as 
waste heat. Thus, high-pressure designs are more commonly used, and are usually heat-
integrated with other parts of the plant for providing reboiler heating duty [284]. Although 
such designs may not be as energy-efficient as heat pump, they still result in energy savings 
without the additional control and operating challenges. 
5.3 Separation using membranes  
Several membrane materials have been studied for olefin/paraffin separation. While 
polymer membranes have been unable to achieve high selectivity [286–288], facilitated 
transport membranes [289], carbon molecular sieves [290,291], and zeolites and metal-
organic framework membranes [292] have shown promising results.  
5.3.1 Literature review 
Facilitated transport membranes improve the olefin/paraffin selectivity by utilizing 
carriers, usually silver ions, which act as complexing agent and reversibly react with olefin 
molecules to improve their permeation over paraffin molecules [289]. These membranes 
can be broadly classified into liquid membranes and membrane electrolytes. However, 
liquid membranes suffers from the physical loss of facilitation carriers and thus cannot 
sustain high pressure operations. Further, both the feed and sweep streams need to be 
humidified with subsequent dehydration of product stream. Thus, dense membrane 
electrolyte are preferred over liquid membranes. Major work on polymer electrolyte 
membranes have been carried out by Sridhar and co-workers [293,294], Pinnau and co-
workers [295,296], and Kang and co-workers [297–300]. Although permeance > 10 GPU 
and mixture selectivity > 100 has been achieved, Merkel et al. [301] have shown that 
exposure to light and presence of common mixture impurities, such as acetylene, hydrogen 
and hydrogen sulphide affects the carrier stability (reduces silver ion to silver particles) 
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and can reduce the selectivity by more than 10-fold within a period of 1 week. Although 
treatment with hydrogen perodixde/ tetrafluoroboric acid was suggested for restoration of 
these membranes, the process took a long time (~ 60 hours) for regeneration after hydrogen 
reduction and was ineffective against hydrogen sulphide poisoning.  
Carbon membranes or carbon molecular sieves (CMS) are prepared by pyrolysis of 
polymer membranes at high temperature. Koros and co-workers [291,302,303] have 
extensively studied CMS membranes for olefin/paraffin separation. While both Matrimid 
and 6FDA/BPDA-DAM CMS membranes exhibited pure-gas selectivity (C3H6/C3H8) of > 
20, polypropylene permeance of 18 GPU were obtained for 6FDA/BPDA-DAM CMS 
membranes as compared to 1 GPU for Matrimid CMS membranes. In other studies, 
Swaidan et al. [304] used polymer of intrinsic microposoristy, PIM-6FDA-OH, as a 
precursor for CMS membranes, which exhibited a mixed gas C3H6/C3H8 selectivity of 24 
at 2 bar. However, the selectivity dropped to 17 as the feed pressure was raised to 5 bar. 
Ma et al. [290] studied the effect of substrates on the performance of CMS membranes and 
found that the membranes prepared on gamma-alumina substrate performed better than the 
ones prepared on alpha-alumina. They obtained a mixed gas-selectivity of 36 and 
polypropylene permeance of 9 GPU for 6FDA-based CMS membranes on gamma-alumina 
support. Researchers from Dow Chemicals [305] have used CMS as adsorbents for 
Pressure Swing Adsorption (PSA) process and achieved 90 mol% propylene from a 25 
mol% propylene feed exhibiting a separation factor of 27. 
Recently, Ma et al. have prepared ZIF-8 membranes using a novel ligand-induced 
permselectivation which shows promising and stable performance with high mixture 
separation factor for propylene over propane, and the highest propylene flux reported 
(larger than 45 and 10-2 mol m-2 s-1, respectively, at room temperature and 7 atm equimolar 
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feed). In this research, propane-propylene separation is analyzed at a process-scale 
considering the performance achieved by these ZIF-8 membranes. 
5.3.2 Membrane modeling  
A counter-current membrane model with a constant permeance and selectivity, and a 
plug flow for both the retentate and the permeate side is considered. A uniform pressure 
was assumed on both the sides. The governing flow equations for each component are as 
follows: 
where the +ve sign refers to the retentate side while the -sign refers to the permeate side, F 
is the flow rate along the membrane, J is the flux through the membrane, and r is the radius 
of the tube. The flux through the membrane is given by: 
where П refers to the permeance, p refers to the partial pressure, and sel refers to the 
selectivity, while ‘ret’ and ‘perm’ denote the retentate and permeate side, respectively.  
The transport through these membranes is an adsorption-diffusion phenomenon and the 
selectivity values mentioned above for several kind of membranes are obtained at a feed 
pressure of 2-5 bar and a permeate pressure of < 1 bar. Since adsorption isotherm achieves 
saturation at high pressure, the driving force does not increase for feed pressure over the 
saturation pressure. Further, the driving force becomes negligible if permeate pressure is 
close to or higher than saturation, and the membrane becomes non-selective. In most of the 
membrane modeling studies in the literature, a permeate pressure of 3-5 bar is considered. 
Although this helps in reducing the energy enquired for permeate recompression to feed 
i
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pressure (~15 bar), it is impractical as the membranes will show negligible selectivity under 
such conditions. 
5.3.3 Membrane permeation  
In this study, the total permeate pressure is maintained at 1 bar in the model. Further, 
as the driving force saturates with pressure, the area was calculated considering a maximum 
total pressure of 5 bar on the feed side, i.e., the flux is considered constant for pressure over 
5 bar on the feed side. Propylene purity against recovery obtained using a single-stage 
membrane model at several selectivity values for a feed specified in Table 5.1 are shown 
in Figure 5.2a.  
 
Figure 5.2: (a) Propylene purity obtained, and (b) membrane area required for increasing 
recovery obtained using a single-stage membrane model for 70.0 mol % propylene feed. 
As shown, a maximum recovery of only 0.9 is feasible as driving force for propylene 
permeation becomes zero for recovery > 0.9. For a selectivity as high as 500 and propylene 
recovery of 0.9, propylene purity obtained from the single-stage membrane is 99.4 mol %. 
Although this is similar to polymer grade propylene (99.7 mol %) achieved in distillation 
process, the corresponding propane purity is only 81 mol % as opposed to 99 mol % 
obtained via distillation. Thus, high selectivity (> 500) membranes are required for 
112 
 
complete replacement of the column. Further, the area required for the process is 
determined to be > 55,000 m2 (Figure 5.2b) for a permeance of 100 GPU. For recovery > 
0.8, the driving force for propylene permeation becomes extremely small and leads to an 
abrupt increase in the membrane area; almost similar area is required to recover the last 
10 % of propylene (from 80 to 90 %) as required to recover the first 80 %. For membrane 
area of 50,000 m2 and an installed cost of $500/m2, the capital expenditure will exceed 25 
million USD. Thus, even with a ~5-fold improvement in permeance or similar cost 
reduction that will breakeven with distillation capital cost, membrane separation results in 
lower recovery of propylene (or lower purity of propane). Since membrane shows good 
separation for intermediate recovery values even with reasonable selectivity of ~50, a 
hybrid membrane-distillation process is evaluated next. 
 
Figure 5.3: Membrane area required and capacity increment for propylene-propane separation 
obtained by membrane-distillation hybrid over distillation column shown for several membrane 
selectivity values. 
5.4 Separation using hybrid membrane-distillation 
A series configuration for hybrid membrane/distillation is considered [239]. A 
membrane stage-cut of 0.5 and selectivity values of 50, 100 and 200 are considered. The 
membrane stage cut is defined as the ratio of propylene (preferentially permeating 
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component) flow rate in the permeate stream to that in the feed, and is equal to the recovery. 
As membranes perform a part of the separation, the separation load on distillation is 
decreased leading to reduction in reflux and boilup ratio. To maintain the same vapor and 
liquid flowrate within the column, i.e., to use the same diameter column, the capacity of 
the existing column would be increased by implementing hybrid membrane-distillation. 
The increase in capacity for different selectivity values are shown in Figure 5.3 which 
suggests a 1.5 to 2-fold increment for selectivity of 50 to 200. 
The operational and capital expenses are also analyzed. While the reduction in reboiler 
duty reduces the energy requirement, the permeate compression results in additional 
operating expenses. However, the hybrid configuration results in net energy savings even 
for columns with up to 80% heat integration (i.e. 80% of reboiler duty is provided by heat-
integration). The operating and capital expenses and savings varying with increment in 
heat-integration are shown in Figure 5.4 for selectivity of 50, 100 and 200. Even for 50% 
heat-integrated column (50% of reboiler duty provided by heat-integration), membranes 
with selectivity of 50 can achieve > 30% savings in energy requirement over heat-
integrated distillation. This corresponds to a savings of 0.38 cents/kg of propylene. For 
reference, the operational cost of a 50% heat-integrated column is 1.5 cents/kg and the cost 
of propylene is 65 cents/kg [306]. Although the savings are < 1% of the current price, 
considering the current annual production of propylene at 50 million tonnes [262,307], it 
can save ~ 200 million USD annually if implemented throughout the industry.  
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Figure 5.4: Operational and capital expenses and savings for propylene-propane separation by 
membrane-distillation hybrid over heat-integrated distillation column for a membrane exhibiting 
a selectivity of (a) 50, (b) 100 and (b) 200. Results are shown against the heat-integrated fraction 
which represents the amount of energy provided by heat-integration. 
The additional capital cost (comprises of the membrane cost and the compressor) for 
capacity increment is also calculated and compared to the capital expenses for base-case 
distillation. The capital cost of base case distillation achieving an annual production of 
250,000 tons of propylene is 7 million USD (2.80 cents/kg). For membranes exhibiting a 
selectivity of 50, the area required for a permeance of 100 GPU is calculated to be ~20,000 
m2 for a plant producing 250,000 tonnes/year of propylene (Figure 5.3), and a breakeven 
in capital cost can be achieved at a membrane cost of $100/m2. Even more favorable results 
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(savings of 37% in operational cost and 54% in capital cost) can be achieved at improved 
membrane performance with a selectivity of 200 and a permeance of 200 GPU. 
5.5 Recovery from reactor purge 
Another attractive potential use of the propylene selective membranes, is the recovery 
of propylene that is lost in the purging process in polymerization plants. In such 
applications, a stream of 70-90 mol % propylene (shown as separator recycle in Figure 
5.5a) is normally recycled back to the reactor [272,280,308].  
To prevent build-up of propane, a part of this is purged (shown as separator purge) and 
results in propylene losses. Although separator purge is a small fraction of the feed (and/or 
separator recycle stream), it contains substantial amount of propylene (~5 million lb per 
polymerization plant annually) and can lead to considerable profits if recovered even up to 
90 %. considering the polypropylene production of > 50 million tonnes/year [309], the lost 
propylene is worth > 200 million USD annually. The membrane separation has been 
proposed as a potential solution to recover this propylene and recycle it back to the reactor. 
Although the feed to the reactor is polymer-grade (~ 99.7 mol %), 80-95 mol % permeate 
recycle has been found to be adequate [280,308]. This is because the separator recycle 
stream is 70-90 mol % and thus the overall composition in reactor is lower than the polymer 
grade feed. Further, the permeate recycle is only a small fraction of the total feed (fresh 
feed + separator recycle + permeate recycle) and only has a marginal effect on the total 
composition. 
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Figure 5.5: (a) Schematic of membrane retrofitting in a reactor purge stream. The original 
reactor configuration is shown with solid lines and the membrane retrofitting part is shown with 
dashed lines. (b) Propylene purity against recovery obtained using a single-stage membrane 
model for 80.0 mol % propylene feed at several values of selectivity. (c) Propylene purity against 
selectivity obtained using a single-stage membrane model for 90.0 % recovery shown for several 
feed compositions. (d) Membrane area required for 80 mol % propylene feed at a total flowrate 
of 2.6 mol/s. For a recovery of 90 %, this would correspond to 5 million lb propylene annually.  
As moderate purity is adequate for this application, separation by membranes can be 
performed in a single-stage at reasonable selectivity. The results obtained for propylene 
purity against recovery for several values of selectivity, and propylene purity against 
selectivity for several values of feed composition are shown in Figure 5.5b and 5.5c, 
respectively. As shown, even for a 70 mol % feed, 90 % propylene can be recovered at > 
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80 mol % purity for selectivity as low as 5. The membrane area required for 80 mol % 
propylene feed at 2.6 mol/s (equivalent to 5 million lb propylene annually at a recovery of 
90 %) is shown in Figure 5.5d. As shown, for a permeance of 100 GPU, membrane area 
of ~250 m2 will be required for a typical propylene polymerization reactor.  
 
Figure 5.6: Net present value of profits for 90 % propylene recovery from a reactor purge stream 
considering reactor pressure of 30 bar, annual propylene recovery of 5 million lb, and membrane 
permeance and selectivity of 100 GPU and 5, respectively. 
An economic analysis is also carried out to evaluate the profits associated with purge 
stream recovery. As the reactor is operated at high pressure (5 – 30 bar) [310–312], 
compression of the permeate stream will constitute majority of the operational cost. The 
major capital cost will comprise the cost of the compressor and the membrane. This cost, 
then, shall be compared to the value of recovered olefin to evaluate the scope of membranes 
for this application. Considering a price of 20 cents/lb for propylene [306], the total annual 
revenue for a recovery of 5 million lb propylene per year amounts to $ 1 million. 
Correspondingly, three compressors of < 10 kW each are required for permeate 
compression to 30 bar. Considering a cost of 7 cents/kWh of electrical energy [200], this 
amounts to $17,000 in operational costs which is < 2% of the total revenue. The 
corresponding total capital cost for compressor and membrane amounts to $30,000 and 
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$125,000 (considering installed membrane cost of $500/m2), respectively. This results in a 
payback of < 1 year with > 5-fold return in the first year itself. A net present value analysis 
(NPV) is also performed and the NPV profits are calculated at a discount rate of 10%. 
Furthermore, the membrane was assumed to have a lifetime of 3 years and to cost 50 % of 
the initial investment when replaced. NPV profits over a period of 10 years are shown in 
Figure 5.6, which suggests significant benefits of using membranes for reactor purge 
application.  
5.6 Conclusion 
The application of membranes for propylene/propane separation is evaluated 
considering both stand-alone and hybrid membrane-distillation configurations. We found 
that high membrane selectivity of > 500, and implementation of multi-stage cascade design 
is required for stand-alone membrane system. These conclusions are also in agreement to 
the other studies in the literature. While distillation is difficult to be replaced using 
membranes, a hybrid membrane-distillation combination is attractive for debottlenecking 
of existing distillation columns. Another attractive potential use of the propylene selective 
membranes, is the recovery of propylene that is lost in the purging process in 
polymerization plants, which is estimated in excess of 5,000,000 lb with a corresponding 
value of $1 million, per year, per polymerization plant [272,280,308]. A payback period of 
< 3 years and annual savings of ~1 million USD can be achieved for a typical 
polymerization plant with a permeance of 100 GPU and a selectivity of 5. Compared to C3 
splitter, the reactor purge application employs smaller area (100-fold lesser) and can 
correspondingly incur higher cost. Thus, membranes for reactor purge application can be 
industrialized at current membrane performance, while improved membrane performance 
or corresponding cost reduction is required for implementing C3 splitter application. 
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Chapter 6: Concluding remarks 
The aim of this thesis is to develop a detailed mathematical model of a zeolite 
membrane separation process and use this to perform conceptual process design studies 
and techno-economic evaluation for several applications of interest, including butane 
isomer separation, bioethanol enrichment, and propylene-propane separation. A 
comprehensive model has been developed that not only predicts the separation 
performance under wide range of operating conditions, but also determines the scope of 
improvement in the current state-of-the-art membranes. In this model, permeation through 
the zeolite membrane is described using molecular-level adsorption-diffusion properties 
including resistances from external resistances. This is integrated with a process-level 
model which results in complete description of membrane operation, both at the 
microscopic and macroscopic level. This first-of-its-kind modeling approach can be used 
as a template to rigorously design and optimize zeolite membrane systems, as illustrated 
using several applications. The conclusion realized by applying the model for these 
applications are discussed next.  
For butane isomer application, a hybrid membrane-distillation process is found to be 
energy efficient and economically attractive over stand-alone membrane separation. A 10-
fold improvement in diffusivity (Đ = Đ0/5) can be achieved by reducing pore blockages in 
the intergrown membranes or, equivalently, its effect on performance can be achieved by 
reducing the membrane thickness from the currently achieved ~500 nm to 50 nm or less. 
With this 10-fold improvement in permeance as compared to that in current state-of-the-
art ceramic supported MFI membranes, payback period of 3 years can be achieved with 
installed membrane cost of up to $5,000/m2. Alternatively, the same payback period can 
be achieved by the current technology if manufacturing improvements bring the membrane 
cost down to $500/m2. 
120 
 
For bioethanol enrichment, both hydrophilic and hydrophobic zeolite membranes have 
been considered. It is found that hydrophobic zeolite membranes have potential for 
significant energy savings but a 2-fold improvement in selectivity over that exhibited by 
defect-free membranes is required to meet distillation purity. Hydrophilic zeolite 
membranes can achieve higher purity than distillation but consume almost similar energy 
as that required for distillation. Thus, a configuration that uses hydrophobic membranes 
followed by hydrophilic membranes is considered which can achieve the required purity 
with 10 % energy savings over distillation. The techno-economic analysis suggests that 
defect-free membranes and ~ 10-fold improvements in permeation or equivalent cost 
reductions are required for economic viability of this scheme. Considering these intensive 
requirements, zeolite membranes offer only a marginal amount of savings and, thus, is not 
a promising application for bioethanol enrichment. 
ZEF-8 (Zeolitic Imidazolate Framework) membranes have been considered for 
propylene-propane application. While distillation is difficult to be replaced using 
membranes, a hybrid membrane-distillation is attractive for debottlenecking of existing 
distillation columns. This can result in operational savings of ~ 200 million USD annually 
if implemented throughout the industry but a cost of $100/m2 along with a membrane area 
of 20,000 m2 is required to achieve a breakeven in the capital cost. Another attractive 
potential use of the propylene selective membranes, is the recovery of propylene that is lost 
in the purging process in polymerization plants. Compared to C3 splitter, the reactor purge 
application employs smaller area (100-fold lesser) and can correspondingly incur higher 
cost (up to $10,000/m2). Thus, membranes for reactor purge application can be 
industrialized at current membrane performance, while improved membrane performance 
or corresponding cost reduction is required for implementing C3 splitter application. 
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